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Abstract

This paper deals with reviewing on the application of micro-structured reactors for heterogeneously catalysed gas phase reactions. After
a brief introduction covering some estimation criteria for the performance of micro-structured reactors, an overview of the work performed
to date in the field is given. The reactors are classified by the type of catalyst applied (porous or non-porous) and according to their basic
design criteria. At the end, a small chapter is dedicated to applications employing reactors combined with other micro-structured devices
like heat exchangers. Finally, some alternative ways of achieving micro-structures, besides relying on micro-fabrication, are discussed.

Diverse gas-phase reactions have been investigated in micro-reactors, among them (partial) oxidations, hydrogenations, dehydrogena-
tions, dehydrations, and reforming processes. Particular attention has been drawn to achieve excellent temperature control and to prevent
hot-spots. So, for many reactions increases in selectivity were found. Especially, many examples of partial oxidations were described,
including processes of utmost industrial importance such as ethylene oxide synthesis. Within consecutive processes, as e.g. given for
multiple hydrogenations, high selectivity was achieved for species that are thermodynamically not the most stable molecule of all species
serially generated such as monoenes yielded by hydrogenation of polyenes. Also, increases in conversion were achieved, e.g. by processing
at high pressure and high temperature, often in the explosive regime. As a consequence, high space–time yields were reported as well.
In many cases, reactor performance better compared to fixed-bed technology was achieved. Process safety was found to be high when
using micro-reaction devices; intrinsic safety in former explosive regimes was ascribed. With respect to process optimisation, fast serial
screening of process parameter variation was conducted, at low sample consumption.
© 2003 Elsevier B.V. All rights reserved.
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1. Introduction

In this paper, reactors are regarded as being micro-structu-
red, when carrying channel(s) or similar fluid paths with a
size below 1 mm.

The well-known, specific advantages of micro-structured
reactors were summarised in an early report of Fichtner
et al. [1]. Firstly, enhanced heat transfer is observed, which
may be exploited for highly exothermic reactions due to the
removal of the heat generated and the suppression of hot
spot formation. Another aspect is the optimisation of slow
reactions getting close to the thermodynamic equilibrium.
An example for this was demonstrated by TeGrotenhuis
et al. [2] for the water-gas-shift reaction, which is investi-
gated as a gas purification reaction in the scope of a future
application of micro-technology for reforming applications.
In conventional technical reactors, the conversion of reac-
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tions close to their thermodynamic equilibrium is improved
by intermediate direct (cold gas/water injection) or indirect
(coolers switched between several stages of the reactor)
cooling. In micro-reactors, heat-exchanging channels may
be introduced which allow for temperature profiling of the
reactor according to the specific needs of the reaction. This
was quantified by simulation work[2] as shown inFig. 1.
Thus, the typical two-stage design of water-gas-shift reac-
tors might become obsolete in micro-structured reactors.
Another way of exploiting the improved heat transfer is the
combination of exothermic and endothermic reactions in a
single reactor designed like a heat exchanger.

As therefore the overcome of heat and mass-transfer limi-
tations is a crucial driver for applying micro-reactors instead
of conventional apparatus, suitable criteria have to be iden-
tified which allow proper judging of such limitations. The
Anderson criterion[3] may be applied for checking the effect
of intra-particle (or intra-coating) temperature gradients:
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Fig. 1. CO conversion of the water-gas shift reaction vs. ratio of
coolant/reactant flow at constant steam reformate feed at 350◦C, a feed
composition of 9% CO, 9% CO2, 36% H2O, and 45% H2. Coolant tem-
perature 125◦C (�), 200◦C (�), and 225◦C (�); from TeGrotenhuis
et al. [2].

�Hr indicating the reaction enthalpy,reff the measured rate
of reaction,dh the hydraulic diameter,Ea the activation en-
ergy,α the heat transfer coefficient,R the gas constant, and
Tr the temperature in the gaseous phase. If the criterion is ful-
filled, heat transfer limitation in the gas phase of the micro-
channel is negligible. This was the case for the Pt-catalysed
oxidation of hydrogen as found by Görke et al.[86].

A modification of the Anderson criterion was applied by
Ajmera et al.[49] to check for intra-particle temperature
gradients for the oxidation of CO. Again, no indication for
such a limitation was found.

Secondly, an enhancement of mass transfer is ob-
served, which is closely coupled to the dimensions of the
micro-channels. A simple estimation of the mass transport
coefficientkg gets possible due to the fact, that in the fully
developed laminar flow of a micro-channel the Sherwood
numberShin most applications approaches a constant value:

Sh= kgdh

D
= 3.66 (2)

Fig. 2. CO2 yield from methanol steam reforming vs. temperature at a constant residence time of 125 ms and different channel geometries from Pfeifer
et al. [65].

dh being the hydraulic diameter andD the diffusion coef-
ficient. This demonstrates that the mass transfer gets more
and more dominant the smaller the channels are.

The equation discussed above gives a hint to an exper-
imental method of checking mass-transfer limitations by
modifying the hydraulic diameter of the channels. This was
applied by Fichtner et al.[125] for the partial oxidation of
methane to syngas. No indication for mass-transfer limita-
tions was determined by the experiments.

Another way of checking for mass transport limitations
experimentally was demonstrated by Pfeifer et al.[65]. They
carried out experiments on methanol steam reforming at one,
two and four micro-structured platelets of decreasing length
L, L/2 andL/4. By decreasing the flow velocityu at the same
time from u to u/2 and u/4, the modified residence time
τ = mcat/Q, mcat being the catalyst mass andQ being the
total flow rate, remained unchanged allowing thus for direct
comparison of the experiments.Fig. 2 shows, that no mass
transport limitations were found for the reaction system.

Among others, Görke et al.[86] applied the Mears crite-
rion:
reffdh

2kgc
< 0.15 (3)

to check for mass-transfer limitations.dh stands here for the
hydraulic diameter of the micro-channel,reff for the deter-
mined (effective) rate of reaction,kg for the mass transfer
coefficient andc for the concentration of the species under
investigation. No mass-transfer limitation for the hydrogen
oxidation reaction at Pt catalyst was found.

Commenge et al.[4] developed by numerical simulations
a criterion for the heterogeneous Damköhler numberDa:

Da = ksr

D
< 0.1 (4)

whereks is the rate constant of a first-order wall reaction,
r the channel radius andD the diffusion coefficient. If the
criterion is fulfilled, the effect of mass transport limitations
is limited to 3%.
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Fig. 3. RTD curve for a channel of 300�m × 300�m × 20 mm size, a flow velocity of 1 m/s and a time of 10 ms from Walter et al.[6].

The Weisz-modulus[5] Ψ allows for the estimation of
intra-particle (or intra-coating) diffusion limitations:

Ψ = Lc
m+ 1

2

reff

Dcs
< 0.1 (5)

whereLc is the characteristic length of the particle or coating
defined by the ratio of volume to surface,m the reaction
order,reff the effectively measured rate of the reaction. For a
first-order reaction, values ofΨ < 0.1 indicate the absence of
intra-catalyst diffusion limitation. This criterion was applied
by Ajmera et al.[49] to the oxidation of carbon monoxide for
catalyst particles incorporated into a micro-channel reactor.
Mass transport in the coating was not limiting the reactor
performance in this case.

Assuming a rate law of first order for the selective cat-
alytic reduction of NO with ammonia, Rebrov et al.[69]

Fig. 4. RTD curve for various channel dimensions, 20 mm channel length, a flow velocity of 1 m/s and a diffusion coefficient of 3× 10−5 m2/s from
Walter et al.[6].

determined the Thiele modulus:

ϕ = Lc

√
ks

D
(6)

Lc is the characteristic length of the catalyst,ks the rate
constant andD the diffusion coefficient. Applyingϕ, the
effectiveness factor of the catalyst may be calculated:

η = 3

ϕ

(
1

tanhϕ
− 1

ϕ

)
(7)

Values ofη around 0.85 were found for the zeolitic coating
under investigation.

The residence time distribution in a micro-channel with
its laminar flow regime strongly depends on the diffusion
coefficients of the species involved and on the channel di-
mensions (seeFigs. 3 and 4). Walter et al. [6] demon-
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Fig. 5. CO concentration in a cross-flow micro-reactor for CO oxidation
at a temperature of 540 K, a pressure of 2.5 bar and a CO concentration of
0.564 mol/m3 along the reactor including 2.75 mm upstream determined
by Ajmera et al.[49].

strated the existence of an optimum diffusion coefficient for
a micro-channel to achieve a performance similar to ideal
plug flow. It was determined to a value of 10−5 m2/g for
a 300× 300�m2 channel. The origin of this phenomenon
may be explained by the effective axial diffusion coefficient
as defined by Aris[7]:

Dax,eff = D+ χ
(d/2)2u2

D
(8)

whereD stands for the diffusion coefficient,χ for a shape
factor,d for the channel diameter, andu for the flow velocity.
High values ofD make the first term dominant, small values
the second. Decreasing the channel diameter makes only the
second term smaller.

The effects of axial diffusion were demonstrated by
Ajmera et al.[49] for the inlet channels of a micro-structured
reactor. As shown inFig. 5, the concentration of the reac-
tion educts already decreases significantly before the feed
enters the reaction zone. Claus et al.[114] had to take the
same effect into consideration when sampling at the open
outlet of their micro-structured screening reactor.

Another important aspect is the flow uniformity in
micro-channel reactors. Commenge et al.[8] developed a
dimensionless approach for a channel system. The velocity
profile in the channels was found to depend strongly on the
geometry of the inlet and outlet chambers. For 20 channels,
the ratio of chamber width to duct thickness lead to a con-
cave velocity profile for a value of 0.5, to an even profile
for 1.6, and to a convex profile for a value of 10. This was
valid for a wide range ofRenumbers. The channel length
was inversely proportional to the maximum deviation from
the normalised maximum velocity difference. Increasing the
channel width increased rapidly the normalised maximum
velocity difference for narrow channels, but only weakly
for channels which are wider than deep. An almost linear
relationship between the width of inlet and outlet zones was
found, which gives a normalised maximum velocity differ-
ence of less than 3% as a function of the number of channels.

The specific surface area is generally high for micro-
structured reactors. This increased surface-to-volume ratio

allows for the suppression of homogeneous reactions[34],
however, may also promote undesired follow-up reactions,
such as total oxidations, at active, but unselective construc-
tion materials, such as stainless steel at high temperature.

Micro-reactors allow safe processing in otherwise explo-
sive regimes. Many partial oxidations can thus be carried
out using pure oxygen and at elevated pressures. By this,
space–time yields can be increased, as e.g. demonstrated for
the ethylene oxide synthesis[36,39]. A very instructive ex-
ample for safe processing is given by the hydrogen–oxygen
reaction which, according to all experience gained so far
with micro-reactors, can be handled very safely when op-
erating within the explosive regime[34,86]. In this content,
intrinsic safety is an often quoted and recently theoretically
confirmed term for such micro-reactor processing[34].

Finally, micro-reactors allow for easier scale-up, as the
geometry of the “unit cell” (the micro-channel) does not
need to be changed. However, when numbering-up of
micro-structured reactors is done, it needs to be taken into
consideration that the housing material has to be minimised
to reduce heat-losses, start-up energy demand and time de-
mand. Therefore, the practical needs might result in more
macro-sized reactors carrying micro-channels as far as
scale-up is concerned.

There may be more, so far unidentified reasons to choose
micro-reactors for heterogeneous gas-phase processing.
For instance, investigations with regard to hydrodynamics
in micro-channels and their role on processing are not at
all completed. Prior literature, partly giving such informa-
tion, needs more time for ‘penetrating the micro-reactor
community’ as a result of the deeply interdisciplinary nature
of the field. Hence, one can say that with increasing work
in the field within the next years the above given list of pos-
sible advantages of micro-reactors will be supplemented,
revised and differently weighted.

2. Non-porous catalyst systems

2.1. Chip-like micro-structured reactors with a thin-film
catalytic coating

Jensen et al.[9,10] pointed out the advantages of de-
signing and manufacturing reactors similar to micro-electro-
mechanical systems (MEMS): heaters and sensors may be
integrated[11] and short response times for heat exchanging
tasks are found due to the thin walls applied. He propagates
the application of aerosol and technologies similar to the
inkjet method besides wet preparations and thin film tech-
nologies. Even though some publications[24,26]assembled
here work with porous catalyst coatings, most of the work
is done applying sputtered catalyst coatings.

Srinivasan et al.[12] performed in an early work published
in 1997 ammonia oxidation in a chip-like micro-reactor. The
main intention was to demonstrate the feasibility of decen-
tralised and safe production of hazardous chemicals by ap-
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plying micro-technology. A single T-shaped channel was
etched by KOH into a silicon wafer. The wafer was covered
by a SiN membrane carrying a thin-film Pt layer for heating
on the outer side and a Pt catalyst layer on the inner side.
Temperature and flow sensors were integrated into the de-
vice as well. The reactor was mounted on an Al-block and
sealed by O-rings. A temperature as high as 800◦C could be
achieved in the reaction zone because all other parts did not
heat up. Fifteen molar percent ammonia in oxygen was fed
to the reactor. The reaction ignited at 200◦C. At flow rates
below 15 scm3/min the ignition front travelled upstream.
When the heating power was lowered, extinction occurred
at 300◦C. Approaching stochiometric feed-composition, the
temperature rise increased due to the higher heat generation
of the reaction. The experiments were limited to 650◦C, be-
cause high temperatures caused deformations and rupture
of the membrane. As products nitrogen, nitrogen monoxide
and also to nitrous oxide were found the latter at concentra-
tions smaller than 15 vol.% below 350◦C. At temperatures
exceeding 400◦C N2O decomposed completely. Increasing
the heating power leads to a higher NO/N2 ratio, which is
in line with literature[13]. As a slow increase of conversion
with increasing temperature after ignition of the reaction was
found, mass-transfer limitations were expected at least at
residence times lower than 9 ms. Complete conversion was
found for higher residence times. Increasing the residence
time decreased the NO/N2 ratio as the NO had time to re-
adsorb and decompose. In ammonia rich feed, conversion
vanished due to an inhibition of NO desorption by ammo-
nia. Problems occurred by an etching process of Pt in the
ammonia/oxygen atmosphere which led to losses of the cat-
alyst to the gas phase. The small reactor had a production
capacity of 10 g NO per day.

A general finite element approach was developed by
Hsing et al.[14] to simulate the reactor described by Srini-
vasan et al.[12]. The observed downstream ignition of the
reaction and the reaction front travelling upstream were
confirmed by the calculations. The effects were attributed
to both heat conduction in the membrane and the presence
of fresh reactants in the upstream area. The calculations re-
vealed also, that temperature variations along the membrane
should decrease with increasing flow rate due to the more
even distribution of ammonia along the catalyst surface.

Jensen et al.[10] developed a silicon membrane reactor
which was composed of an aluminium bottom plate, a micro-
structured silicon layer carrying the channel system and a
3�m thick SiN membrane as a cover of the reactor. The
reactor was manufactured by photolithography and plasma
etching. The channels were introduced either by wet-etching
or deep reactive ion etching.

The latter resulted in a more precise shape of the channels
and therefore higher possible operating pressures as the un-
supported membrane area was minimised. Again, Pt heaters
and temperature sensors were integrated into the device. Pt
as an active component was put on the membrane either by
wet chemistry or by physical vapour deposition (PVD) on a

Ti adhesion layer. The reactor was applied for ammonia ox-
idation. Heating the membrane, again an ignition/extinction
behaviour of the reaction could be observed. At temperatures
higher than 300◦C, deformations of the SiN membrane got
visible, leading to rupture at temperatures exceeding 650◦C,
as the heat removal by conduction was smaller than the heat
generated by the reaction. It was proposed therefore to make
use of the non-uniform temperature profile of the reactor for
calorimetric measurements. A 1�m thick SiN membrane did
not show an ignition/extinction behaviour any-more but only
an ignition followed by autothermal behaviour. By increas-
ing the thickness of the membrane from 1 to 1.5 and 2.6�m,
and switching to pure silicon, the ability of the reactor mem-
brane to dissipate heat was increased by an order of magni-
tude[16]. Only in the latter case, both membranes showed
ignition/extinction behaviour. The 2.6�m thick membrane
ignited at a higher temperature and reached lower steady
state temperatures. For the 1�m thick membrane running
in the autothermal mode, only one reaction temperature of
550◦C could be set. At this high temperature, a high se-
lectivity to NO was found. The thicker membranes allowed
for lower operation temperatures and thus lower NO selec-
tivity [16]. Introducing silicon membranes into the reactor
increased the heat conductivity by 25 times which improved
the temperature uniformity. By using SiO2 and Si3N4 as
membrane material, stress compensated membranes of 0.25
and 0.3�m thickness could be manufactured[16].

Franz et al.[15] applied a silicon membrane for highly
exothermic reactions to improve the heat removal in this
type of reactor by the higher heat conductivity of silicon as
mentioned above. Pt was deposited by PVD and the mem-
brane was tested applying ammonia oxidation. At temper-
atures higher than 200◦C formation of N2, NO and N2O
(the latter, in line with Srinivasan et al.[12], up to 15 vol.%)
started but no ignition/extinction behaviour was observed,
which was attributed to the improved heat removal. The re-
actor showed a fast response on temperature changes in the
order of 20 ms which makes a dynamic operation possible.
Additionally, Franz et al.[16] developed an aerosol tech-
nique for the deposition of Pt, Ag and Rh salt solutions in
micro-channels.

Later on, Franz et al.[17] fabricated a Pd membrane
reactor for (de)hydrogenation reactions and hydrogen purifi-
cation by buffered oxide etching (BOE) and other etching
techniques. Thin membranes could be realised compared to
the relatively thick membranes (10–25�m) which are man-
ufactured on porous ceramics in conventional reactors. Thin
perforated layers of silicon nitride (0.3�m) and silicon ox-
ide (0.2�m) were used as a support for the 0.2�m thick Pd
membrane which was deposited by an e-beam. Pt films for
resistor heating and temperature sensing were integrated us-
ing the same technique. The membrane had dimensions of
12×0.7 mm2 and withstood a pressure difference of 5 bar at
ambient temperature. A membrane separation factor of 1800
and a hydrogen flow rate of 600 scm3/(min cm2) were calcu-
lated for the separation of hydrogen out of a mixture of ni-
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Fig. 6. Membrane micro-reactor designed by Cui et al.[19].

trogen and hydrogen. Other micro-reactors for gas-phase re-
actions were designed and manufactured according to tech-
niques developed for micro-electronic devices based on sili-
con technology. In this way, two or several plates were con-
nected and sensors were integrated into the devices. Zheng
et al. [18] and Cui et al.[19] designed several membrane
micro-reactors for the dehydrogenation of cyclohexane to
benzene one of them shown inFig. 6. The reactors were
made of silicon and photo etching techniques were applied
for manufacturing. Pt was used as a catalyst which was sput-
tered onto the reaction chamber. The micro-channels of the
reaction chamber were 500�m wide, 10�m deep and
50 mm long, another type 400�m deep, 50�m wide and
8 mm long [19]. Additionally, a Pd-membrane was intro-
duced into the reactor to continuously remove the hydrogen
out of the reaction zone in order to enhance the conversion
beyond the limitations of the thermodynamic equilibrium.

Another chip-like reactor was designed and manufactured
by Besser et al.[20] for organic synthesis reactions. Modular
reaction-chips were produced by electron beam lithography.
Again, the Pt catalyst was introduced by sputtering into the
5–20�m wide channels. Glass covers were sealed by anodic
bonding, silicon covers by diffusion bonding.

Besser et al.[21,22], applied silicon reactors fabricated
by both basic leaching and photolithography for cyclohex-
ene dehydrogenation as an example for hydro-treating and
reforming reactions for future fuel processing. The channel
system was 19 mm in length and 100�m × 100�m wide.
Anodic bonding was used to attach the Pyrex glass cover
and vacuum sputtering of Pt to achieve a 20 nm thick cata-
lyst coating. The reactor was heated externally. Experiments
were performed at ambient pressure and feed rates between
0.2 and 2 scm3/min. An increasing selectivity towards ben-
zene up to 80% was found at reaction temperatures above
120◦C. Conversion increased up to 95% between 20 and
50◦C and maintained at this level up to 120◦C, then de-
activation of the catalyst started which was explained by
carbon deposition. Increasing the hydrogen partial pressure
decreased the benzene yield and space–time yield at a tem-
perature of 200◦C. However, residence time was changed

accordingly to carry out that measurement. Increasing the
residence time had a positive effect on the benzene yield,
but did not affect the cyclohexane yields. A small amount
of hydrogen was found to be necessary to condition the cat-
alyst. Increasing the cyclohexene partial pressure increased
the benzene yield. The maximum space–time yields found
at 200◦C amounted to 8×10−4 kg/(m2 cat min) for benzene
and 4.3 × 104 kg/(m2 cat min) for cyclohexane.

Surangalikar et al.[23] investigated cyclohexene (de) hy-
drogenation over Pt catalysts in another silicon reactor man-
ufactured by photolithography and KOH etching. As for the
other reactors developed by this group, it was covered with
Pyrex glass by anodic bonding and heating was performed by
an external block. Two reactors with different channel sys-
tems were used. Both channel types had a length of 1.8 mm
and a depth of 100�m. In the first reactor 39 channels of
100�m width revealing a total surface area of 2 cm2 were in-
corporated, the second one had 780 channels of 5�m width
manufactured by ion coupled plasma (ICP) etching with a
total surface area of 28 cm2. The Pt catalyst was introduced
by sputtering. By estimation of the mass transfer coefficients
external mass transport limitations could be excluded for the
reaction system. A matrix of experiments was carried out by
modification of the H2 (0.1/0.3/1.0 scm3/min) and cyclohex-
ene (0.6/0.3/1.0 scm3/min) flow rates. The pressure was kept
at 1 bar and the temperature was set to 200◦C. The catalyst
showed deactivation, but only a maximum 10% activity loss
was accepted for the experiments. Increasing the residence
time from 200 to 600 ms revealed an increase of the conver-
sion from 20 to 80% in the 100�m channels, whereas an al-
most constant conversion of approximately 90% was found
independent of the residence time for the smaller channels.
This was attributed to the higher surface area and thus cat-
alyst mass of the smaller channel system, which results in
a higher modified residence time (catalyst mass/flow rate).
Conversion was also found to be dependent on the ratio
of hydrogen to cyclohexene partial pressure showing maxi-
mum conversion at a value of 5. The increasing conversion
measured for low values of the ratio was attributed to the
conditioning, which is necessary for the catalyst to get ac-
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Table 1
Surface area of coatings generated by various methods for the hydrogenation of cyclocyclohexene (according to Zhao et al.[24])

Channel size (�m)

5 5 100 100

Coating method Spin-coating Dip-coating Drop-coating Dip-coating
SA (m2) after coating 3.5 6.7 1.2 4.4

tive. Hydrogen was determined to be mandatory to achieve
catalyst activity. The decreasing conversion derived for val-
ues of the ratio of hydrogen to cyclohexene partial pressure
higher than 5 was explained by the low residence times of the
corresponding experiments. An increasing hydrogen partial
pressure was determined to be beneficial for the selectivity
towards cyclohexane versus benzene. Cyclohexane selectiv-
ity was found to be close to 100% for the 100�m channels
in a temperature range between 50 and 130◦C and fluctu-
ating around 90% in a temperature range between about 70
and 150◦C for the 5�m channels. The decrease of conver-
sion at elevated temperatures was attributed to the deactiva-
tion of the catalyst. Generally, lower space–time yields were
found for the 5�m channels, but due to their higher surface
area the tendency to deactivation was smaller.

Zhao et al.[24] applied dip-coating, spin-coating and
drop-coating to introduce silica as a porous layer into both
channel systems of the reactor described by Surangalikar
[23]. Pt was then introduced by both sputtering and wet im-
pregnation. The resulting surface areas are summarised in
Table 1and revealed a surface area increase from 1000 to
15,000 times. At temperatures below 50◦C a conversion of
20% was found for cyclohexene hydrogenation which in-
creased to 70% at 120◦C. Selectivity towards benzene was
favoured at temperatures exceeding 150◦C. Similar to the
findings of Surangalikar et al.[23] for unsupported catalyst,
the conversion was found to be independent of the residence
time. In contrast to the results of Surangalikar et al.[23], no
effect of the ratio of hydrogen to cyclohexene partial pres-
sure was given. The lifetime of the supported catalyst was
3.5 times higher compared to their unsupported counterparts.

Ouyang et al.[25] applied a silicon-chip-based micro-
reactor for the Fischer–Tropsch synthesis at an iron catalyst.
The chips had outer dimensions of 1 cm×3 cm with channel
dimensions of 5 or 100�m width at 50–100�m depth. The
reaction was carried out at a H2/CO ratio of 3, and flow
rates of 0.4 scm3/min between 200 and 250◦C. Conversions
between 50 and 70% were found after 12 h activation of
the catalyst under reaction conditions. Changing the H2/CO
ratio from 1 to 10, increased the conversion only from 50 to
56%.

Kusakabe et al.[26] developed a chip-like silicon-based
process engineering device consisting of a preheater, a re-
actor and an integrated thermocouple mainly applying pho-
tolithographic techniques (seeFig. 7). The preheater was a
single channel meander 95 mm long with channel dimen-
sions of 200�m width and 60�m depth. The reactor was

a 78 mm long meander of 500–600�m width and 60�m
depth. The reactor was heated by an integrated Pt wire at
the bottom. Top and bottom of the reactor were made of
glass and attached to the silicon core by anodic bonding.
Both sputtering of the silicon surface and wet impregnation
of alumina precipitated by the sol–gel method were used
to introduce Pt as active component. After activation in H2
at 500◦C the catalyst was tested for benzene hydrogena-
tion at temperatures between 100 and 150◦C, a flow rate of
1 cm3/min and residence times from 100 to 600 ms. First-
order kinetics were found for the reaction. The sputtered
catalyst showed a 10 times lower reaction rate compared to
its alumina-based counterpart.

Cao et al.[27] applied a micro-structured testing de-
vice consisting of a preheating unit, a mixer, a reactor and
a quenching zone for the oxidative dehydrogenation of
methanol to formaldehyde. This process is performed in-
dustrially in shallow beds with feed temperatures of 150◦C
at residence times below 10 ms. The reaction is exothermic
resulting in high temperatures of the product gas between
600 and 650◦C. Thus quenching is applied to prevent fur-
ther oxidation of formaldehyde downstream the reactor.
Oxidation and dehydrogenation of methanol takes place
in approximately equal parts and CO, CO2, formic acid
and methyl formate are formed as by-products. Sixty to
seventy percent conversion is achieved at selectivities up
to 95%. The reactor was manufactured by photolithogra-
phy and etching followed by the catalyst deposition and
anodic bonding of the Pyrex glass cover. The channels

Fig. 7. Self-heating micro-reactor designed by Kusakabe et al.[26].
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were 200�m wide and 20 mm long. The channel depth
was varied in two reactors between 70 and 130�m. Ag
was introduced as catalyst by sputtering. The reaction was
carried out at residence times between 4 and 25 ms and
temperatures between 430 and 530◦C at an inlet methanol
concentration of 8.5 vol.%. Only CO2 and formic acid were
found as products, the carbon monoxide formation being
successfully suppressed. Conversion (75–70%) and selec-
tivities (10 and 90% to carbon dioxide and formic acid,
respectively) were found to be independent of the oxygen
inlet concentration. As methanol is known to react with the
adsorbed oxygen, the zero-order dependency found for the
oxygen concentration is in agreement with literature[28].
Conversion increased from 40 to 75% when increasing the
temperature from 430 to 530◦C and below 420◦C rapid de-
activation of the catalyst occurred. An activation energy of
14.3 kcal/mol was determined by an Arrhenius plot which
is a smaller value compared to literature[28] and was at-
tributed to product inhibition and thus different kinetics
compared to other systems. Increasing the residence time
from 4 to 24 ms increased the conversion from 57 to 73%,
but hardly affected the selectivities. Generally, in the deeper
channels higher conversion was achieved.

Pattekar et al.[29] made use of a silicon-chip for hydro-
gen production from methanol steam reforming. The reactor
housing was made of stainless steel, electrically heated and
sealed with graphite. The micro-channel was a long serpen-
tine of 1000�m width and 230�m depth fabricated by pho-
tolithography and KOH etching. Cu catalyst was sputtered
to a thickness of 33 nm onto the chip. Preliminary simula-
tions revealed non-uniform temperature distribution in the
reactor housing pointing at the importance of proper insu-
lation especially in low power systems. At a feed composi-
tion of 76 mol% methanol in steam less than 7% conversion
was achieved at 250◦C. Selectivity to carbon monoxide was
higher than to carbon dioxide and 7 mol% hydrogen was
found in the product.

Alepee et al.[30] investigated the dehydrogenation of
methanol to formaldehyde at temperatures exceeding 600◦C
applying a chip-like reactor. The main reason for applying

Fig. 8. Cross-sections of the double-sided (left) and one sided (right) silicon heat exchangers manufactured by Alepee et al.[30].

micro-technology was the potential of achieving extremely
fast heating and cooling and ultra-short residence times in the
micro-channel system. An integrated heater/reactor/cooler
was constructed therefore. The heater was composed of sili-
con micro-structured by KOH etching and capped with a SiN
membrane. The channel was 7.4 mm long and had a trape-
zoidal cross-section 1.3 mm wide and 380�m deep. Pt–Ta
filaments were used to heat the bottom made of Pyrex. At a
flow rate of 30 scm3/min which corresponds to a residence
time of 4 ms, a heating power as low as 1.7 W was able to
increase the exit temperature of the test gas nitrogen up to
400◦C. The heat exchanger for cooling had a counter-flow
design. Two types of fluid channel arrangements were cho-
sen for this device, which are shown inFig. 8. Either both flu-
ids flow in two levels as done similarly in many other appli-
cations or in one level, separated by walls as thin as 50�m.
The 32 channels for the product gas, 50 or 100�m wide,
were manufactured out of a silicon chip by deep plasma
etching. Pyrex glass was then anodically bonded from both
sides to the chip for sealing. Into one of the glass layers the
33 cooling fluid channels, 100 or 200�m wide, were etched
by HF. All channels were approximately 300�m deep and
20 mm long. Interestingly, it was found that the product gas
outlet temperature decreased with increasing gas flow rate
due to the diminishing dominance of heat conductivity ef-
fects. 500 scm3 per minute nitrogen as cooling fluid was
cooled from 500 to 54◦C in less than 1 ms by the cooler at
heat transfer coefficients from 30 to 40 W/(m2 K).

Schouten et al.[31] applied a silicon-based micro-reactor
for the study of the intrinsic kinetics of the catalytic partial
oxidation of methane. The reactor, manufactured by pho-
tolithography, was put into a housing made of aluminium.
The single micro-channel was 30 mm long and had a cross-
section of 500�m×500�m. The channel was covered by a
1.9�m thick silicon sheet, which allowed for a good thermal
contact between the Rh catalyst beneath it and the five Pt
heating wires and the 12 Pt temperature sensors on top of it.
Isothermal conditions of gas inlet temperature and wall side
and bottom temperature generated highestNu numbers and
therefore heat transfer coefficients which was favourable for
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the minimisation of heat transfer limitations of the reaction
under investigation.

McCreedy et al.[32] used a micro-reactor made of glass
to perform the dehydration of ethanol. The micro-channels
were introduced by photolithographic etching. A sulphated
cobalt catalyst was dusted over the surface of the top cover
block and immobilised this way. Additionally, a NiCr wire
was immobilised in the reactor cover as a heating de-
vice. At a reaction temperature of 155◦C and a flow rate
of 3�l/min, which was adjusted using a syringe pump,
only trace amounts of the ethanol feed remained uncon-
verted and the main products were 68% ethylene, 16.%
ethane and 15% methane. A further increase of the resi-
dence time by decreasing the flow rate via electro-osmotic
pumping led to almost complete cracking of the ethanol to
methane.

2.2. Chip-like micro-structured reactors carrying catalyst
wires

Veser et al.[33] developed a single-channel reactor and
applied it for the H2/O2 oxidation reaction. The reactor was
designed as a modular and flexible tool for various high-
temperature reactions. A stainless steel housing took up the
silicon chips which were carrying the micro-channels. The
wafers were coated with silicon oxide (400 nm thickness)
and silicon nitride by low pressure chemical vapour deposi-
tion (LPCVD) alternatively. The chips were manufactured
by photolithography and etching. The catalyst (for the ap-
plication Pt) was introduced as a wire (150�m thickness)

Fig. 9. Explosion limits for a stoichiometric H2/O2 mixture and different reactor diameters determined by Veser[34].

which was heated resistively for igniting the reaction. The
ignition of the reaction occurred at 100◦C and complete
conversion was achieved at a stoichiometric ratio of the
reacting species generating a thermal power of 72 W. Later,
Veser[34] performed the reaction in a quartz glass micro-
reactor with a diameter of 600�m and 20 mm length. The
ceramic housing of the reactor and the reactor itself were
stable for temperatures exceeding 1100◦C. Again a Pt-wire
of 150�m diameter was used as a catalyst and electrically
heated for start-up. Residence times down to 50�s could be
achieved. The fact that no homogeneous reactions, which are
explosive, could be detected, demonstrates the possibility of
separating homogeneous and heterogeneous reactions in
micro-reactors due to the higher surface area to volume
ratio of this reactor type. Increasing the flow rate led to
increased temperatures of the gas exiting the reactor, which
was attributed to reduced heat losses by conduction through
the reactor walls. A thorough mechanistic investigation of
the explosion limits revealed[34] that the first and the third
explosion limit of the reaction are dependent on the reactor
dimensions (seeFig. 9). The first explosion limit is reached,
when the mean free path of the molecules gets smaller than
the reactor dimensions, which was already the case at very
low pressure (5 mbar). For the third explosion limit, which
is responsible for explosions at ambient temperature, both
the kinetic and the thermal explosion limit are increased.
Veser states, that this is not achieved by thermal quenching
but rather by “radical quenching” which means by kinetic
effects. A core statement of the investigations is, that none
of the three explosion limits can be crossed at ambient
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pressure in a 100�m micro-channel, i.e. the reactor is
“inherently” safe.

2.3. Micro-channel reactors with channel systems formed
by the catalyst itself

Numerous investigations, which will be described below,
were carried out on the ethylene oxide synthesis in various
reactor types. The motivation for applying micro-technology
in this reaction system is twofold. On one hand, the high
overall heat of the reaction causes hot spots and heat re-
moval problems in the industrial process, on the other hand
only low concentrations of ethylene can be applied due to
safety reasons. The application of micro-channels enhances
the kinetic quenching of the reaction and thus enables oper-
ation in the explosive regime.

A micro-reactor was developed by Löwe et al.[35] for
ethylene oxide synthesis. The reactor consisted of a two-
piece housing which was sealed by graphite gaskets. The
bottom piece contained two closely positioned square re-
cesses made by die sinking, an electric discharge machining
(EDM) process. In the recesses, stacks of platelets of micro-
channels not connected and without seals, were inserted.
The recesses were connected via a conduit that functioned
as diffusion zone to guarantee mixing of the reactant gas be-
fore entering the reaction zone. The stacks of platelets were
compressed when screwing the top and bottom housing
pieces together. The first recess contained a stack of mixer
platelets made by a combination of Laser-LIGA and elec-
troforming. LIGA is the German acronym for LIthographie
Galvanik Abformung, LIthographie corresponds to lithog-
raphy, Galvanik to galvanization and Abformung stands for
moulding. These platelets had curved micro-channels which
made the fluid turn by 90◦. In order to achieve equal individ-

Fig. 10. Combined mixer/reactor for ethylene oxide synthesis developed by Löwe et al.[35]. Source: IMM.

ual flows in each curved channel different channel widths
had to be used to compensate the differences in channel
length. CFD simulation (FLUENT) was used to determine
the mixer channel width and confirmed 99% mixing for all
flow rates investigated. Two types of mirror-imaged platelet
designs allowed in an alternating stack arrangement for
creating gas multi-lamellae. The second recess contained
originally a stack of silver reaction platelets made by LIGA
and electroforming. In a later version, chemically etched
silver and milled “Aluchrom” steel platelets were used
[35]. Aluchrom is an aluminium containing stainless steel
normally used as metallic support for car exhaust catalysts
(Krupp VDM e-20Cr-5Al). Heating the aluchrom material
to 1100◦C with oxygen creates an�-Al2O3 surface which
is the only alumina species active for the ethylene reaction.
The surface of the silver reaction channels was enhanced
by means of oxidation. An increase in surface by a factor
of 2–3 was reached based on chemisorption data. The silver
catalyst was introduced by sputtering.

Kestenbaum et al.[36] used the micro-reactor manufac-
tured at the Institut für Mikrotechnik Mainz GmbH (IMM)
for the synthesis of ethylene oxide to demonstrate the safe
operation of a highly explosive reaction mixture (explosion
of ethylene oxide in air 2.6–100 vol.% at ambient pressure)
in micro-channels. Contrary to the industrial process which
applies alumina, supported pure silver was used as catalyst
for the reaction in a stack of 14 platelets with 9 channels each
50�m high and 500�m wide (seeFig. 10). Maximum oper-
ating conditions of the reactor are 300◦C and 25 bar, heating
was done externally. A reaction rate of 2.8×10−4 mol/(m2 s)
and an activation energy of 48 kJ/mol was found at a tem-
perature of 280◦C, and a pressure of 5 bar. The rate values
correspond well with literature values found for silver pow-
der (1.7 × 10−4 mol/(m2 s) from Tsybulya et al.[37] and
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45–62 kJ/mol from van Santen et al.[38]).The feed concen-
trations amounted to 6 mol% ethylene and 33 mol% oxy-
gen. Conversions of up to 10% and ethylene oxide yields
up to 5% were found at selectivities up to 50% the lat-
ter being inferior compared to the industrial process (90%)
as no chloride species were added which are known to in-
crease the selectivity. The space–time yields achieved were
0.18–0.67 t/(h m3) which is superior compared to the indus-
trial process. At a temperature of 290◦C and a pressure of
20 bar a rapid deactivation of the catalyst occurred. By XPS
measurements carbon deposits were identified as the origin
of the catalyst deactivation[39].

In a later publication, Kestenbaum et al.[39] used
both 14 plates manufactured by Laser-LIGA, which were
300�m thick carrying 50�m deep channels and 21 etched
silver-foils of 200�m thickness and 80�m channel depth
in the reactor. Additionally, Aluchrom plates were used
[35], which were 500�m thick and carried sawed channels
of some 90�m depth. The silver layer of these plates was
sputtered to a thickness of 1, 5 and 100 nm. First experi-
ments were carried out with the etched plates. Increasing the
ethylene concentration from 3.4 to 16.4 vol.% at a oxygen
concentration of 50 vol.%, a pressure of 4 bar, a temperature
of 290◦C and 235 ms residence time did hardly affect the
selectivity. Additionally, the reaction rate followed a 0.53
reaction order for ethylene. On the other hand, increasing
the oxygen concentration affected the selectivity and the
reaction rate following a reaction order of 0.78. For the
plates made by laser LIGA, the reaction rate increased from
4.5 × 10−5 mol/(m2 s) at 239◦C to 1.5 × 104 mol/(m2 s) at
308◦C which is related to a activation energy of 47 kJ/mol
being very similar to the etched plates (49 kJ/mol) and cor-
responding to the literature[40,41]. At the same time, the
selectivity towards ethylene oxide decreased in contrast to
the etched plates from 64.1 to 45.1%. Increasing the pressure
from 4 to 15 bar at a temperature of 290◦C and a constant
residence time of 469 ms, increased the reaction rate by a
factor of 3.5 and the selectivity towards ethylene oxide from

Fig. 11. Various reactor types applied for oxidative dehydrogenation from Wörz et al.[42].

35 to 40%. The residence time had a strong effect on the
reaction rates which deteriorated by an order of magnitude
when the residence time was increased from 588 ms to 8 s.
The selectivity was impaired as well. For the Aluchrom foils,
a superior selectivity towards ethylene oxide was found for
a silver layer thickness exceeding 1 nm, which even outper-
formed the etched plates. For the layer being merely 1 nm
thick, the inferior values found were attributed to incomplete
layer formation on the alumina surface. Further experiments
were carried out at 290◦C, 5 bar and a residence time of
124 ms under addition of 35–100 ppm of dichloroethane. It
acts as an inhibitor to the reaction, which has an Eley–Rideal
mechanism oxygen being the adsorbed species. There-
fore, the selectivity increased from 55 to 69%, however,
the reaction rate deteriorated in parallel. Concentrations
exceeding 300 ppm of dichloroethane lead to catalyst de-
activation by silver-chloride formation. The selectivity of
69% is not much inferior to the industrial process, where
promoters like Cs and Rh are added and values of 80% are
achieved.

Hönicke et al.[58] also applied silver wafers for ethy-
lene oxide synthesis. However, the reactor type was used
for porous systems as well and is therefore discussed in
Section 3.2.

Wörz et al.[42] proved the suitability of micro-reactors as
measuring tools. The oxidative dehydrogenation of alcohols
to the corresponding aldehydes was carried out industrially
at 550◦C at Ag catalyst. The process was run isothermally
under laboratory-scale conditions with a high selectivity of
90%. In an industrial reactor built later on for a similar
process selectivities as low as 40% were found due to hot
spot formation of up to 160◦C. Therefore a short shell and
tube reactor was built for the process which achieved at a
temperature of 450◦C at 50% conversion only hot spots of
60◦C at a selectivity of 85%. A micro-reactor was built
made of Ag which showed at a reaction temperature of only
390◦C a higher conversion of 55% and a selectivity as high
as 96% (seeFig. 11).
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Rebrov et al.[88] studied ammonia oxidation at a Pt
monolith. However, other reactor types were applied as well
and therefore the paper is discussed inSection 3.2.2.1.

3. Porous catalyst systems

3.1. Reactors containing catalyst particles

Ajmera et al.[43] introduced a micro-structured differen-
tial reactor, which takes up conventional catalyst particles.
The intention for doing so was to use the reactor exclusively
for testing of conventional catalyst particles rather than head-
ing for a future micro-structured production device[44]. By
a high parallelisation of the gas flow in an inlet region (chan-
nel dimensions 350�m wide and 370�m deep) 64 paral-
lel channels were formed (seeFig. 12). These channels en-
tered then one common catalyst bed which was 2.5 cm wide,
500�m deep and 400�m long. Due to the small length of
the bed the pressure drop was minimised and a differential
reactor was approached. After the bed 50�m channels were
placed as a frit for the catalyst particles. Finally, an area of
very shallow channels 40�m wide and 20–25�m deep at
a length of 2.2 mm fixed the pressure drop of the reactor
which was only 7% higher for the reactor packed with cata-
lyst compared to the empty reactor. Pressure drop amounted
to 6 mbar at a flow rate of 100 scm3/min. The reactor was
made of a single crystal silicon by ion etching and covered
with Pyrex glass by anodic bonding. Its maximum operation
temperature was 550◦C. Sealing was done by an elastomer
gasket which was pressed against the reactor by a metal

Fig. 12. (a) The silicon cross-flow reactor chip; (b) the micro-reactor packed with 60�m glass beads; (c) scanning electron micrograph of the reactor
designed and manufactured by Ajmera et al.[44].

cover which also took up the heating cartridges. The cata-
lyst loading was done by vacuum. The reactor was applied
for the oxidation of CO at Pt, Pd and Rh catalysts based on
alumina particles of the size fraction 53–71�m. 1 vol.% CO
and 1 vol.% O2 in He were fed at flow rates between 20 and
600 scm3/min into the reactor revealing activation energies
between 23 kcal/mol (Pt) and 30 kcal/mol (Pd) which agree
well with literature[45–48]. Thus, the reactor may well be
regarded as a novel and functional design of a differential
reactor for catalyst testing and kinetics determination.

Ajmera et al.[49] investigated in a later paper the reactor
performance for the same reaction system more in depth. The
reactor was proven to work definitely under differential con-
ditions. Pressure drop was ranging between 2 and 150 mbar
which was regarded as negligible at a total pressure between
1 and 2.5 bar. By modelling an even velocity distribution
was found for the catalyst bed at lowRenumbers between
0.051 and 0.153. The residence time in the catalyst bed rang-
ing around 0.6–8 ms was much longer than the time demand
(0.02 ms) for gas particles to leave the recirculation zones
having a diameter of 60�m which corresponds to the size
of the catalyst particles. However, for a residence time in the
catalyst bed of 0.8 ms diffusion affected concentration pro-
files in the reactor and thus its performance. Due to the high
heat conductivity of the silicon reactor housing isothermal
conditions could be assumed. The reaction was performed
at temperatures between 240 and 280◦C at a CO/O2 ratio of
1 at alumina-based Pt, Pd and Rh catalysts. At CO/O2 ratios
higher than 0.08 the reaction was dominated by CO inhibi-
tion, CO desorption being the rate limiting step. A reaction
order forpCO of −0.79 and forpO2 of 1–1.5 was found well
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in line with literature[50]. Calculation of the Weisz mo-
dulus revealed a value of 0.01 which is well below the lower
boundary for internal diffusion limitation. Applying the An-
derson criterion temperature gradient formation within the
catalyst particles could be excluded (seeSection 1). Thus,
due to their small particle size internal gradients are not to
be expected in the catalyst particles. Temperature gradients
of less than 0.01 K were found for the reactor. Therefore,
no internal or external mass and temperature gradients are
to be expected for the reactor and the reaction system under
investigation. Further simulation work was performed to
quantify the effect of axial diffusion. It could be demon-
strated for a total flow rate of 97 scm3/min at a pressure of
2.5 bar and a feed concentration of CO and O2 of 1 vol.%
each, that the reactor performance got closer to a continu-
ous stirred tank reactor (CSTR) behaviour, the lower thePe
number was. Impressingly, at a total conversion of 24.4%
the gas composition of the feed already related to a conver-
sion of as much as 18.4% at the reactor inlet due to diffu-
sion effects. The mass transfer from the bulk to the catalyst
surface was found not to be rate limiting asPeparticle ≈ 1.

Another single silicon crystal reactor of 10 mm×40 mm×
1 mm size was developed by Ajmera et al.[51] for the syn-
thesis of phosgene to demonstrate the feasibility of a safe
and on-demand production of hazardous chemicals in micro-
reactors. The manufacturing techniques applied were pho-
tolithography and silicon etching for the outer geometry and
inductive coupled plasma etching for the channel systems.
The reaction channel was 20 mm long, 625�m wide and
300�m deep with a total volume of 375 mm3. The inlet and
outlet of the reactor was formed by 25�m wide channels and
the channels were coated with a 0.5�m thick SiO2 layer as
protection against chlorine. Cover and sealing of the reactor
was similar to the former designs, four additional channels
were incorporated in order to take up thermocouples. Again
the catalyst loading (1.3 mg) was done by vacuum. Feed gas
mixing was performed by a T-junction. The catalyst applied
was activated carbon of a particle size of 53–73�m and a
specific surface area of 850 m2/g. 4.5 scm3/min feed com-
posed of 33 vol.% CO and 66 vol.% Cl2 were fed into the
reactor at an inlet pressure of 1.35–1.40 bar and a tempera-
ture up to 220◦C. A pressure drop of 0.35 bar was observed.
Complete conversion was found for reaction temperatures
exceeding 175◦C which corresponds to a yearly production
capacity of 3.5 kg for the reactor. The reactor has a poten-
tial for further improvement applying higher temperatures
and flow rates. No catalyst deactivation was observed after
6–10 h TOS and no by-products were detected. As for the
first reactor[49], isothermal conditions were achieved due
to the big mass of the housing. Again, the useful criteria
[49] for mass and heat transfer effects were applied reveal-
ing that plug flow has to be assumed (Pe = 180–360) and
that less than 5% deviation of the data determined are to be
expected due to temperature gradients. The Weisz-modulus
amounts to 0.1–0.5 indicating minimal intra-particle mass-
transfer limitations. External mass-transfer limitations could

be regarded as negligible as well (Peparticle ≈ 1). An exper-
imental activation energy of 7.6 kcal/mol was found for the
reaction well in line with literature[52].

Allen et al. [53] presented reactors for hydrogen gener-
ation by ammonia cracking and for the oxidative coupling
of methane. The micro-channels applied were manufactured
by conventional milling (for channels up to 2.5 mm deep
and 250 mm wide) and by laser ablation for channels be-
ing 1 mm deep and 300�m wide. The reactor used for am-
monia cracking had a diameter of 6.3 mm and a length of
50 mm. It took up a micro-structured plate with 20 channels
250�m wide, 1.5 mm deep and 50 mm long. At flow rates
of 70–250 scm3/min full conversion was achieved at resi-
dence times as low as 6 ms. Oxidative coupling of methane
to ethylene was performed revealing conversion levels of
less than 1%.

Irving et al. [54] presented a micro-reactor filled with
catalyst particles which is able to reform gasoline, diesel,
methanol and natural gas by steam reforming at temperatures
up to 800◦C. Not only this reactor, but also fuel mixing, heat
exchanging, evaporation, and preheating were done in an
integrated device made both of stainless steel and ceramics.
Gasoline steam reforming at flow rates of 0.1 g/min gasoline
feed was done at high S/C ratios between 5 and 8 revealing
70 vol.% hydrogen in the off-gas without methane formation
and catalyst deactivation. Sulphur in the gasoline lead to H2S
formation. Applying lower S/C ratios for iso-octane steam
reforming lead to methane concentrations as high as 5 vol.%
in the reformate. As much as 3.75 g catalyst was used to
achieve 100% conversion and methane concentrations well
below 5 vol.% for a mixture of 60 vol.% iso-octane, 20 vol.%
toluene and 20 vol.% dodecane at a feed rate of 0.3 g/min,
and a S/C ratio of 4.

3.2. Reactors containing wash-coats or other coated
catalyst

3.2.1. Stack-like reactors with external heating
Wießmeier[55] developed a stacked plate reactor and ap-

plied it for the partial hydrogenation of cyclododecatrien
(CDT) to cyclododecene (CDE) at Pd catalyst. The ideas
standing behind of it was the application of regular pore sys-
tems by anodic oxidation in order to achieve an improved
residence time distribution in the reactor, which is beneficial
for the consecutive reaction network[56]. Another aim was
the elimination of axial temperature profiles by the improved
heat conductivity of metal compared to ceramic monoliths
and the elimination of radial concentration gradients due
to the smaller channel size of micro-channels compared to
the meso-channels of the ceramic monoliths[57]. A 103-
fold surface area increase of the micro-structured aluminium
plates used was achieved by anodic oxidation, which gener-
ates a regular pore structure of the alumina. The size of the
pores generated this way ranged between 10 and 200 nm at
a pore density of about 1014 pores/m2. The impregnation of
the alumina layers with Pd catalyst was done by a procedure
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Fig. 13. CDE yield vs. overall conversion of CDT for different catalysts
and fixed-bed structures determined by Wießmeier[55].

including an evacuation step and a liquid phase impregna-
tion which generated Pd anchoring to the surface via oxygen
bridges[57]. This was followed by a calcination and reduc-
tion procedure to gain the catalyst. The measurements were
carried out close to ambient pressure at low partial pressures
of CDT and H2 (110 and 330 Pa). To check the time-on-
stream behaviour of the catalyst, anodically oxidised and
impregnated aluminium wires, which were cut into pieces,
were used. At complete conversion of CDT selectivities to-
wards CDE were ranging around 80%, the other products
being cyclododecene (CDD) as intermediate and cyclodode-
cane (CDA) as consecutive product of CDE. Complete reac-
tivation of the catalyst was possible by oxidation in air. As a
next step, two types of cut aluminium wires were tested hav-
ing a different thickness of the oxidised alumina layer (15
and 80�m) and thus a higher length of the pores. At con-
version levels exceeding 90% an inferior performance of the
longer pores was found which was attributed to the kineti-
cally controlled formation of CDE, which has more time to
react to the consecutive CDA in the longer pores at high con-
version levels, where mass transport limitations of CDT and
CDD occur. Finally, a comparison of a commercial Pd cata-
lyst (average particle size 240�m) and anodically oxidised
and cut pieces of aluminium foils (pore depth 37�m) and
wires (pore depth 37�m) with micro-structured aluminium
wafers (same pore depth) was performed. It revealed that
the commercial catalyst had a maximum CDE yield of 62%
at a conversion of 80%, whereas the ordered pores of the
foils yielded 74% CDE at 90% conversion. Decreasing the
dead volume in the packing by introduction of wires lead to
an even better yield of 86% at 95% conversion. The com-
plete removal of dead volume in the micro-channels finally
yielded 90% CDE at 98% conversion, which is an impres-
sive prove of the beneficial effect of directed gas flow in
micro-structured catalyst systems (seeFig. 13).

Kursawe et al.[58] developed a modular reactor made of
all stainless steel parts which was designed for maximum
operation conditions of 50 bar and 480◦C and was applied

for benzene hydrogenation and ethylene oxide synthesis (see
below). Easy handling and fast exchange of catalyst platelets
were some of the design criteria (seeFig. 14). Sealing was
done by an outer shell via copper gaskets. Two diffusers
acted as gas-distribution devices and were placed in front
of and behind the reactor core taking up the stack of three
micro-structured platelets. All three parts were put into the
shell subsequently. The micro-structured platelets were fab-
ricated by means of thin-wire�EDM in aluminium or alu-
minium alloys such as Dural, AlMg3 and AlMg 4.5 Mn at
the Forschungszentrum Karlsruhe. Each platelet 50 mm long
had 14 parallel micro-channels 300�m wide and 700�m
deep. The surface of the micro-channels was rough which
was regarded as beneficial for the coating techniques applied
subsequently (see below). For the application of benzene
dehydrogenation anodic oxidation was applied to achieve a
porous alumina layer. Zn/Ru was introduced by impregna-
tion afterwards. The catalyst prepared this way achieved con-
versions of 30% and selectivities towards cyclohexene up to
50% at a low benzene partial pressure of 110 Pa. For ethy-
lene oxide synthesis both anodic oxidation and the sol–gel
method were used to get a porous alumina carrier. The ac-
tive compound, silver, was introduced by sputtering in both
cases. A stepwise increase of the silver layer thickness from
100 to 400 nm revealed constant catalyst selectivity but an
increase of conversion from 25 to 50% at 250◦C and 0.3 bar
and a residence time of 95 ms. The catalyst stemming from
the sol–gel route, which was based mostly on�-alumina
was much less active and showed merely 4–6% conversion
at 3 bar and 230◦C at a residence time of 1.5 s.

A reactor of different dimensions, but similar geometry
developed by the Forschungszentrum Karlsruhe (FZK) was
applied by Kursawe et al.[59] for the ethylene oxide synthe-
sis. Channel dimensions were 200�m× 200�m at a length
of 50 mm. In fact, three different reactors were tested the
main difference being the catalyst preparation procedure.
The performance of silver wafers (reactor 1), AlMg3 wafers
coated with 200 nm silver (reactor 2) and anodically oxi-
dised alumina covered with an 800 nm sputtered silver layer
(reactor 3) was compared. Experiments were carried out at
a relatively low pressure of 3 bar compared to the industrial
process by feeding 20% ethylene in oxygen into the reac-
tors. A maximum selectivity of up to 60% was found for
all reactor types at conversions increasing from 5% (reactor
1) over 41% (reactor 2) to 45–70% (reactor 3). Optimum
residence times were in the range of one to few seconds.
An important comparison to conventional reactors was per-
formed here: hackled silver foils, an aluminium wire coated
by PVD with silver and anodically oxidised aluminium foils
coated with silver by sputtering were tested in parallel at the
same ratio of flow rate to surface area like it was set for the
micro-reactors. These experiments revealed similar selectiv-
ities, but lower degrees of conversion and lower yields for
the conventional reactors compared to their micro-structured
counterparts.Fig. 15(left) shows conversion, yields and se-
lectivity for the three couples of reactors.Fig. 15 (right)
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Fig. 14. Modular micro-channel reactor designed by Kursawe et al.[58].

shows a plot of the selectivity versus conversion of the
micro-structured reactor 3 and the corresponding fixed-bed
reactor. At considerably higher residence times, the fixed-
bed reactor showed not only lower conversion, but also lower
selectivity towards ethylene oxide.

Later on, the same authors[60] compared the performance
of sputtered and industrial corundum supported catalysts for
ethylene oxide synthesis in different micro-reactors. Indus-
trial catalysts applied for ethylene oxide synthesis have a
low surface area of 4 m2/g because it is known, that higher
surface areas of the alumina propagate the isomerisation of
ethylene oxide and its combustion[61]. They are doped with
various promoters like Cs, Ba, Re and K. Inhibitors like 1,2-
C2H4Cl2 and NO in ppm amounts and up to 10% of CO2 are

Fig. 15. Left: Comparison of fixed-bed (FB) and micro-reactors (MCR) for ethylene oxide synthesis carrying catalyst of types 1–3. An identical flow
rate per surface area of 3.17 dm3/m2 was adjusted. Temperature 230◦C, pressure 3 bar, 20 vol.% ethylene in oxygen. Right: Selectivity vs. conversion of
FCB 3 and MCR 3. Temperature 230◦C, pressure 3 bar, 20 vol.% ethylene in oxygen as determined by Kursawe et al.[59].

added to the feed in the industrial process. The rate deter-
mining step is the reaction of the adsorbed oxygen with ethy-
lene. The industrial process is run at ethylene concentrations
up to 40% and O2 concentrations up to 8%. The catalysts
applied here were both Ag directly introduced on the AlMg3
carrier by sputtering a 1.2�m thick layer and Ag impreg-
nated onto a 1�m thick �-alumina layer generated via the
sol–gel route. Both the home-made reactor mentioned above
[58] and the reactor developed by FZK[59] were applied
for the tests again. It was made use of the higher number of
channels (858) of the FZK reactor to achieve similar conver-
sion levels of the less active sputtered catalyst compared to
its alumina-based counterpart. Firstly, the home-made reac-
tor was used to increase the thickness of the sputtered layer
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stepwise (50 nm) followed by a 24–48 h activation period
necessary to achieve the full activity of the catalyst. Dense
silver particles were found after this procedure leaving part
of the aluminium surface open. At a 50 nm layer thickness
a low conversion of about 5% was found at a relatively high
selectivity of 55% which quickly degraded. Increasing the
thickness of the sputtered layer up to 1.4�m improved the
conversion up to 42% at lower selectivities around 50%.
The residence time of these experiments ranged from 0.23
to 2 s. Secondly, the effect of ethylene and O2 concentra-
tion on conversion and selectivity was investigated for the
corundum-based catalyst in the home-made reactor. Increas-
ing the ethylene concentration from 3.5 to 60% led to a de-
crease of conversion from 21 to 1.5%, whereas selectivity
was only slightly affected from 51.7 to 54.6%. Increasing
the O2 concentration from 11.6 to 80% led to an increase of
conversion from 8.8 to 21.2%, whereas selectivity increased
from 41 to 50.6%. A comparison of the alumina-based cat-
alyst with the sputtered counterpart the latter determined in
the reactor manufactured by FZK revealed an approximately
10% higher selectivity towards ethylene oxide independent
of the conversion level for the sputtered catalyst at 3 bar and
a temperature of 230◦C.

Födisch et al.[81] of the same group found a selectivity as
high as 68% at 25% conversion at a temperature of 230◦C
and a pressure of 3 bar for a Cs promoted Ag catalyst which
was a superior performance compared to an industrial cat-
alyst. The Ag was sputtered onto the 20�m thick alumina
layer generated by anodic oxidation and the promoter was
introduced by wet impregnation prior to sputtering.

Kursawe et al.[62] applied a reactor of the same design
for the hydrogenation of benzene to cyclohexene. Fifteen
plates, 50 mm long were used. The catalytic active layer
was prepared by anodic oxidation of the aluminium wafers
and wet impregnation of Ru as catalyst. At a pressure of
1.1 bar and a temperature of 80◦C a residence time of 0.53 s
was adjusted at a benzene partial pressure of 11 mbar and a
methanol partial pressure of 44 mbar, the latter being added
as reaction modifier. At a conversion of 13%, a selectivity
of 20% towards cyclohexene was observed, which increased
with time-on-stream. However, second-order deactivation of
the catalyst was observed at the same time. Conversion de-
creased from 17 to 5% with increasing methanol partial pres-
sure and selectivity towards cyclohexene up to 38% after
10 h TOS. Addition of Zn promoter had no substantial ef-
fect on conversion but increased the cyclohexene selectivity
up to 32% after 15 h TOS. The same type of wafers was ap-
plied for ethylene oxide synthesis at 3 bar and a temperature
of 250◦C. Silver was deposed on the aluminium by PVD.
At an ethylene inlet concentration of 4%, the selectivity to-
wards ethylene oxide of 45% was determined independent
of the conversion ranging between 40 and 66%. Ethylene ox-
ide yields between 19 and 29% were found and an adiabatic
temperature rise of 630 K at 66% conversion. At a higher
ethylene inlet concentration of 20%, an improved selectivity
increased to 45% again independent of the conversion rang-

ing between 15 and 39%. Ethylene oxide yields between 7.5
and 20% were found and the adiabatic temperature rise was
as high as 1500 K at 39% conversion.

The reactor was then applied for cycloalkene formation
by Dietzsch et al.[63]. Partial hydrogenation reactions were
carried out at Pd and Ru/Zn catalysts to demonstrate the
superior performance of micro-reactors in the highly selec-
tive production of intermediate products. Alumina layers of
18–24�m thickness were formed on aluminium wafers by
anodic oxidation and again channels of 200�m × 200�m
size were used. After each catalytic run, a reactivation of
the catalysts was performed by burning of the carbona-
ceous deposits at 420◦C and subsequent hydrogen treatment
at 150◦C. Complete conversion was achieved at residence
times around 100 ms at a temperature of 150◦C and a pres-
sure of 1.1 bar forc,t,t-1,5,9-cyclododecatriene (CDT) and
1,5-cyclooctadiene (COD) at Pd catalysts. No deactivation
of the catalyst was found for COD, but a 10% drop of con-
version for CDT. The hydrogenation of COD was studied
in more detail revealing an increase of conversion from 80
to 100% at decreasing selectivity towards cyclooctene from
99.5 to 88% by increasing the ratio of hydrogen to COD from
0.75 to 2. The yield of the product, cyclooctene, could be
raised from 83 to 98% by adding 400 ppm CO to the feed. At
lower residence times of 35 ms, conversion dropped to 75%
compared to 99.5% at 115 ms. Rising the partial pressures of
hydrogen and COD from 110 Pa by a factor of 10 impaired
the cyclooctene yield, which decreased from 98 to 84% but
increased the productivity by a factor of 10 as well. For ben-
zene, hydrogenation at Ru/Zn catalysts a severe deactivation
took place after 14 h TOS at a temperature of 180◦C and
a residence time of 235 ms, which was higher compared to
the reactions discussed above. Conversion dropped from 90
to 10% at increasing selectivity towards cyclohexene up to
36%, which reduced the formation of cyclohexane, which
was exclusively formed at the beginning.

Kah et al.[64] used the reactor for the partial oxidation of
1-butene to maleic anhydride at V2O5/P2O5/TiO2 catalysts,
a highly exothermic reaction (−1300 kJ/mol) which is run in
the industrial process at low hydrocarbon concentrations of
1.5% and selectivities around 60%. Going to higher concen-
trations leads to hot spot formation and thermal run-away of
the reactors. Al and AlMg3 wafers were treated by anodic
oxidation to achieve Al2O3 layers of 40�m thickness. Dif-
ferent reactors with 15, 25 and 37 wafers of various channel
width (80, 200 and 400�m) were tested and compared to a
fixed-bed reactor containing Al-wires of identical geometric
surface area which were anodically oxidised and impreg-
nated in the same way like the wafers. Comparing the per-
formance of the fixed-bed reactor with the micro-structured
reactors at low hydrocarbon concentration (0.4%), the same
degree of conversion was achieved at much lower residence
times (750 ms compared to 25 ms) resulting in up to five
times higher space–time yields in the micro-structured reac-
tor. However, selectivities were lower in the micro-channel
reactor and generally lower compared to the industrial pro-
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cess. The reaction was run safely at 1-butene concentrations
in the explosive regime (5%), atmospheric pressure and a
temperature of 400◦C. Only small temperature rises at the
outlet of up to 10◦C were measured due to conductive heat
transfer from the micro-structured wafers. Conversions up
to 95% were achieved at selectivities similar to the values
found for low hydrocarbon concentrations.

Pfeifer et al.[65] used an externally heated reactor for
methanol steam reforming. The focus of this work was to de-
velop catalysts and a micro-structured reformer for a 200 W
fuel cell for small-scale mobile applications. Four plates car-
rying 80 channels 64 mm long and 100�m wide and deep
could be introduced into the reactor. Various catalysts were
tested for their performance:

• CuO/ZnO (1:1) catalyst based on nanoparticles sintered
at 450◦C for 5 h; BET surface area of the plates coated
with this catalyst amounted to 9.3 m2/g and a maximum
of the mesopore distribution was found at 100 nm; the
layers had an average thickness of 20�m± 10�m at the
channel bottom.

• CuO/ZnO (1:1) catalyst based on nanoparticles sintered
at 550◦C

• CuO/ZnO/TiO2 (39:39:22) catalyst based on nanoparti-
cles sintered at 450◦C for 5 h.

• Pd/ZnO (1:99) catalyst based on ZnO nanoparticles which
were impregnated with Pd-acetate, calcined at 450◦C and
reduced at 500◦C for 5 h in 1 vol.% H2 for 5 h.

• CuO/ZnO/TiO2 (25:2:3) catalyst based on TiO2 nanopar-
ticles which were impregnated with Cu/Zn (NO3)2 and
calcined at 550◦C for 5 h.

The nanoparticles had an average particle size (APS) be-
tween 20 and 60 nm and BET-surface areas ranging between
17 and 58 m2/g, which decreased with increasing calcina-
tion temperature reaching values below 1 m2/g at 750◦C.
To verify the absence of diffusion limitations, the modified
residence time was varied, which was discussed at the in-
troduction of this paper already. For the standard experi-
ments, a 1:2 molar methanol/water mixture was fed together
with 60 vol.% helium at a pressure of 3 bar into the reactor
with a hydrodynamic residence time of 250 ms. The reac-
tion started at 230◦C and showed maximum carbon diox-
ide yields between 235 and 250◦C. The best carbon dioxide
yields were found for the catalyst based on TiO2 impreg-
nated with CuO/ZnO. The Pd catalyst showed a higher ac-
tivity and less deactivation at 285◦C, but also higher CO
yields which exceeded the thermodynamic equilibrium for
the water-gas-shift reaction. It was assumed that the Pd could
not form alloys with the Zn and therefore propagated CO
formation in its elementary form. The activity of the Pd cat-
alyst could be stabilised by small amounts of oxygen added
to the feed, which was attributed to a removal of the coke.
For the impregnated TiO2 catalyst CO yields exceeding the
water-gas-shift equilibrium were found as well. Merely the
CuO/ZnO catalysts showed low carbon monoxide conver-
sion at or (for the pre-reduced sample) even below the water-

gas-shift equilibrium, however, at low degrees of conver-
sion. Copper in its oxidised form is known to show low
CO-formation. However, under the reducing atmosphere the
copper is likely to be in a mixed oxidation state which prop-
agates carbon monoxide formation.

Later on, Pfeifer et al.[66] focused on Pd/PdZn/ZnO
systems for methanol steam reforming. The formation of
a Pd/Zn alloy at higher reduction temperatures was identi-
fied as the crucial step. Additionally, it was found that pre-
impregnation of the ZnO particles with palladium before the
coating procedure decreased the carbon monoxide selectiv-
ity by a factor of 3. However, the CO concentration still ex-
ceeded the equilibrium of the water-gas-shift reaction, which
was not the case for a pelletised catalyst of the same type
and therefore attributed to an interaction between the metal
of the micro-structured carrier and the catalyst. Chemisorp-
tion measurements with hydrogen and CO revealed a poor
dispersion of less than 10% for PdZn. Temperature Pro-
grammed Oxidation (TPO) measurements revealed a slow
destruction of the PdZn alloy, in air at temperatures exceed-
ing 200◦C and therefore diffusion of oxygen into the reactor
was seen as a possible reason for the increased CO selectiv-
ity. However, copper-based catalysts are known to be much
more sensitive to oxidation. Two reformers having housings
made of both stainless steel and copper were set up for a
hydrogen output sufficient for a 200 W fuel cell. At 310◦C
and a pressure of 1.25 bar, 80% methanol conversion was
achieved. The S/C ratio of 1.9 led to a carbon monoxide
concentration of 0.5 vol.% in the product. Instationary mea-
surements were carried out at the reformer revealing equi-
libration times around 30 s in the heating zone of the re-
actor and 200 s at the maximum distance from the heating
zone when a temperature step of 20◦C was made. The re-
action followed the temperature immediately. Equilibration
of the reactor took 140 s when switching from bypass to re-
actor on stream. Dimethyl ether was found as a by-product
in amounts up to several hundred ppm exclusively at the
stainless steel reformer.

Wunsch et al.[67] demonstrated the application of micro-
reactors as a tool for hydrocarbon removal purposes in lab-
oratories. As an example, methane was removed by com-
bustion in an externally heated micro-reactor. The reactor
contained 820 channels in total which were 200 mm long at
a hydraulic diameter of 120�m. Platinum was introduced
as catalyst by wet impregnation on the micro-structured alu-
minium plates, which were anodically oxidised to an alu-
mina layer thickness of 20�m at 41 nm average pore diame-
ter. A crystallite size of 2.6 nm was measured by chemisorp-
tion for the Pt particles. The catalyst was activated in a hy-
drogen/argon mixture at 500◦C for 5 h. Experiments were
carried out at pressures between 1.1 and 5.5 bar and hydro-
dynamic residence times between 200 and 800 ms. The feed
mixture was composed of 20 vol.% oxygen in nitrogen con-
taining 120 ppm methane. The reaction started at 250◦C.
At a temperature of 520◦C and a Pt loading of 0.4 wt.%,
85% methane conversion was determined at a pressure of
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1 bar and almost complete conversion (99.8%) at a pressure
of 5 bar. No selectivity towards carbon monoxide was de-
tected. Increasing the methane concentration in the feed to
650 ppm lead to a conversion decrease from 99.8 to 95% at
a temperature of 520◦C and a pressure of 4 bar. Addition
of water, which is present in most practical applications, at
a 20 vol.% level decreased the conversion by 9%. Increas-
ing the Pt metal loading from 0.02 to 0.4 wt.% increased the
conversion from 4 to 92% at a pressure of 2 bar and a tem-
perature of 520◦C. Further addition of Pt up to 1.6 wt.% in-
creased conversion well above 98%. Optimum reaction con-
ditions were thus identified to be a temperature exceeding
500◦C, a pressure higher than 2 bar and a Pt metal loading
above 1.4 wt.%.

Reuse et al.[68] applied a home-made reactor carrying
micro-structured plates for the methanol steam reforming
at a copper based low temperature water-gas-shift catalyst.
The reactor took up 20 plates made of FeCrAl alloy of a
size of 20 mm× 20 mm× 0.2 mm. The channel size was
200�m× 100�m. The catalyst was conditioned by oxygen
and hydrogen treatment. Kinetic measurements were carried
out. Kinetic expressions were determined for both a tubular
fixed-bed reactor containing 30 mg catalyst particles and the
micro-reactor coated with the catalyst particles. The experi-
ments were carried out at a pressure of 1.5 bar and a flow rate
of 80–270 cm3/min. At a temperature of 200◦C no deacti-
vation of the catalyst was observed. As the rate of reaction
was found to show linear dependency of the residence time,
differential conditions were assumed for the measurements.
Because of the high activation energy of 56 kJ/mol deter-
mined mass transport limitations were excluded. Power law
kinetics of the following form were determined for methanol
steam reforming:

−RCH3OH = k0e−Ea/RTpmCH3OHp
n
H2Op

o
H2

(9)

Similar values were found for the reaction orders in both
systems at lower rate of reaction for the micro-channels as
shown inTable 2. The inhibition by hydrogen was obviously
more pronounced in the micro-channels. Without hydrogen
in the feed the reaction rate was on an average 34% higher
for the coated catalysts.

Rebrov et al.[69] synthesised ZSM-5 zeolite in micro-
channels and performed the selective catalytic reduction of
NO with ammonia on the zeolite. The main focus of this
work was to assess the performance benefits of zeolitic coat-
ings in micro-channels compared to conventional zeolite-

Table 2
Reaction order of fixed-bed and micro-reactor determined by Reuse et al.
[68] for methanol steam reforming

Fixed bed Micro-channels

m 0.70 ± 0.02 0.70± 0.1
n 0.1 ± 0.04 0.0± 0.1
o −0.1 ± 0.1 −0.2 ± 0.1
k 7.8 × 10−5 ± 0.9 × 10−5 4.8 × 10−5 ± 0.6 × 10−5

based pellets and powders. The reaction takes place at a
temperature below 400◦C and a selectivity towards nitrogen
close to 100%. Ce-ZSM-5 is commonly applied as catalyst
for the reaction. The coatings were performed in a sand-
wich of two plates of 1 cm length and width at a thickness
of 2 mm. The seven channels were accordingly 1 cm long
and had a diameter of 500�m. The catalytic tests were per-
formed in a micro-reactor taking up 20 removable plates of
8 mm length and 4.3 mm width. The plates were positioned
with a distance of 280�m from each other in the hous-
ing of the reactor. A zeolitic film of one crystal thickness
was formed under the optimum synthesis conditions which
were determined to a water/silicon ratio of 130 and a tem-
plate/aluminium ratio of 2 at a temperature of 130◦C after
35 h on a flat plate. The Si/Al ratio of the zeolite, which low-
ers the crystal size as well when decreased, was optimised
to a value as low as 28. To get a uniform distribution of the
zeolite in the micro-channels, a two-step procedure was de-
veloped, including a nucleation growth at high temperature
at the horizontally oriented plates followed by a growth pe-
riod at the vertically oriented plates, which was performed
at lower temperature and water to silicon ratio. The crystals
were oriented parallel to the surface of the carrier. Nitro-
gen adsorption revealed the typical micro-pore distribution
of ZSM-5 for the coating. Thermal cycling of the coated
plates revealed a good binding of the coating and no migra-
tion of Cr from the passive metal layer into the zeolite. By
XRD analysis, high crystallinities of the coatings exceed-
ing 90% were found. The crystallisation took place on the
whole platelet and the crystal layer had to be removed me-
chanically from the flat surface. The zeolite coatings were
then exchanged with cerium to get an active catalyst. The
testing of the catalyst in NO reduction revealed 100% se-
lectivity to nitrogen formation and a conversion maximum
at 350◦C. At higher temperatures, the competing ammonia
oxidation got more and more dominant. A feed composition
of 683 ppm NO, 800 ppm NH3 and 5 vol.% O2 was adjusted.
At a temperature of 350◦C and a flow rate of 66 cm3/min,
30% NO conversion could be achieved.

Input from the earlier work[69] was used by Rebrov et al.
[70] for further optimisation on 1 cm2 sized 2 mm thick
plates carrying channels of 200�m diameter. The optimum
template/aluminium ratio could be maintained, however, the
water/silicon ratio had to be lowered to 108 at a silicon to
aluminium ratio of 28 and a slightly lower temperature of
135◦C. Bigger crystals (6�m×4�m×3�m) were formed
this way compared to the former method. For the synthesis
rather diffusion limitation occurred than crystal formation
limitation. Stirring resulted in more uniform, but thinner
coatings. Pre-treatment of the stainless steel support with
dilute template solution improved the crystal growth in the
upper part of the channels. Finally, 1.5�m × 1�m × 2�m
big crystals with a very narrow size distribution (within
0.2�m) [31] were achieved by firstly putting the platelets
in a concentrated synthesis mixture at a water/silicon ratio
of 24 for 2 h at 160◦C. This resulted in 0.3�m long crystals
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which were further treated by applying the initial method
for flat plates for 35 h at 130◦C. The zeolite was then ex-
changed with cerium to a 160% exchange level resulting in
formation of additional extra-framework cerium oxide. By
putting two plates on top of each other, a simple reactor was
formed. A maximum rate of reaction was found at 300◦C at
low conversion levels around 15%. As the rate of the reaction
was not changing when increasing the flow rate, external
mass transport limitations could be excluded. Similar, but
always higher reaction rates were found for the zeolite coat-
ings compared to pelletised zeolites, which is remarkable
as the conventional measurements were carried out under
extremely turbulent flow regime in a Berty-type recycle re-
actor. Therefore, diffusion limitations in the macropores of
the pelletised zeolite created transport limitations obviously.

Cominos et al.[71] developed a micro-reactor for test-
ing catalysts in methanol steam reforming for PEM fuel
cells. The stainless steel device had outer dimensions of
75 mm× 45 mm× 110 mm and took up a stack of 5–15
plates carrying micro-channels of 500�m width and 350�m
depth at a length of 50 mm. The feed distributed between the
channels and plates from a common inlet region. By simu-
lations applying the software CFD-ACE+ the flow distribu-
tion was proven to deviate by less than 2% for both the chan-
nels of one plate and for the individual plates. Home-made
Cu/Zn catalysts were prepared by introducing�-alumina
wash-coats[72] of an average thickness of 10�m as carrier
material into the micro-channels. Their BET surface area
was determined to 72 m2/g and the average pore diameter
amounted to 45 nm. The active components, Cu and Zn were
introduced by wet impregnation in two different load levels
(8 and 16 wt.%) and weight ratios (3:1 and 1:1). The experi-
ments were carried out at a residence time between 200 and
100 ms and a total flow rate between 500 and 900 cm3/min
using five coated plates. A 23% decrease of the conversion
was found when the flow rate was increased from 500 to
800 cm3/min. However, the hydrogen content in the product
decreased more pronounced by 36%, which was attributed
to the slow kinetics of the reverse water-gas-shift reaction.
Increasing the temperature from 200 to 275◦C increased
the conversion from 37 to 65%. At temperatures exceed-
ing 250◦C carbon monoxide formation started. When 15
plates were introduced into the reactor, 80% conversion was
achieved at 290◦C temperature, a residence time of 600 ms
and a steam-to-carbon (S/C) ratio of 2 resulting in a prod-
uct containing more than 50% hydrogen and 0.25 vol.% CO,
which pointed out the need of an additional gas purification
device to remove the CO before the product could enter a
fuel cell. From these results, a power output of the testing
device of 43 W and a power density of 1.8 kW/dm3 were
calculated.

3.2.2. Stack-like reactors with integrated heat-exchanging
capabilities

Combined heat exchangers/reactors offer the opportunity
of exploiting the superior heat transfer capabilities of micro-

Fig. 16. Cross-flow heat exchanger/reactor.Source: FZK-Website.

structures combined with the enhanced catalyst effectiveness
in micro-structured catalyst layers.

3.2.2.1. Cross-flow heat exchangers/reactors.A well-
known professional tool developed by FZK and available
in small series, is a derivative of a micro-heat exchanger
[73–76]which was developed prior. By insertion of catalyt-
ically active material, the ‘micro-heat exchanger’ functions
as reactor (seeFig. 16). Quadratic platelets with straight
micro-channels through are assembled to a stack so that
two adjacent platelets have 90◦ turn. By this, a cross-flow
configuration is created with two separated fluid passages
for two heat transferring fluids or one reaction mixture and
a heating/cooling fluid flow alternatively.

Micro-fabrication of the parallel channels was performed
by mechanical surface cutting of metal tapes[73]. In the case
of aluminium alloys, ground-in mono-crystalline diamonds
were used[74]. In the case of iron alloys, ceramic micro-
tools have to be used due to the incompatibility of diamonds
with that material. Such a micro-structured platelet stack is
provided with top and covers plates, diffusion bonded and
connected to suitable fittings for the inlet and outlet ducts
by electron beam welding.

Optimised micro-fabrication and advanced assembly led
to the use of thin platelets, in an original version 100�m
thick at 80�m micro-channel depth, so that very thin walls
as low as 20�m remain for separating the fluids, which
limits the axial heat flow through the material walls and
improves the efficiency especially of counter-flow heat ex-
changers. Due to the low wall thickness, also the total in-
ner reaction volume with respect to the total construction
volume or respectively the ‘active internal surface’ is very
large. The latter surface amounts to 300 cm2 (for both the
heat transfer and reaction sides) at a cubic volume of 1 cm3.
Indeed, the micro-heat exchangers proved high heat transfer
coefficients for gas[75] and liquid[76,77] flows.

Meanwhile, the reactor can be obtained in many materi-
als such as aluminium alloys, copper, silver, titanium, and
stainless steel. The number of stacked platelets, the dimen-
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sions of the micro-channels on the platelets, and the fluidic
connectors were demonstrated to be varied as well. Pressure
tightness up to several hundred bar for gases and liquids was
demonstrated.

As the reactors are diffusion bonded, all types of cata-
lyst deposition techniques may be applied which allow for
a deposition subsequent to the reactor bonding. Wießmeier
et al. [78] applied anodic oxidation in a micro-structured
reactor and used it for the hydrogenation of cyclododeca-
triene. Wunsch et al.[79] demonstrated anodic oxidation of
aluminium or aluminium alloys (AlMg3) in 5 wt.% oxalic
acid. After 3–4 h a satisfactorily even film distribution in
the range of 10–12�m was achieved. The catalyst carriers
were impregnated with Pt. However, due to the inaccessibil-
ity of the in situ generated catalyst, surface area data of the
layers were only available as surface magnification factors.
The coatings were successfully applied for the H2/O2 oxi-
dation reaction. Gorges et al.[80] introduced anodic spark
deposition (ASD), a modification of anodic oxidation for the
formation of polycrystalline ceramic oxide layers on passi-
vating metals. The method is therefore limited to Ti, Al and
Zr surfaces. By local melting of the layer into the substrate
strongly adhered coatings of up to 40�m thickness could
be generated and the incorporation of dopant elements got
possible. By coating a ceramic green body with Ti, ASD
could even be carried out on a nonconductive base material.
Födisch et al.[81] applied electrophoretic precipitation of
industrial catalyst powders.

Hönicke et al.[82] applied an FZK cross-flow heat ex-
changer manufactured of 100�m thick copper foils of
14 mm× 14 mm size for the partial oxidation of propylene
to acrolein at Cu2O. Each of the 100 foils carried 80 micro-
channels of 80�m hydraulic diameter. The active species
was generated by oxidation of the copper foils achieving
an oxide layer of several�m thickness. The reaction was
investigated between 350 and 375◦C revealing a minimum
selectivity towards acrolein at 363◦C. The maximum selec-
tivity of 47% was found at a temperature of 350◦C and 5%
conversion. Independent of the initial oxidation state (CuO
or Cu2O) of the catalyst, an intermediate state was achieved
after sufficient TOS.

Hagendorf et al.[83] applied the reactor for the H2/O2
reaction in the explosive regime. Alumina was used as cat-
alyst carrier introduced by in situ CVD and Pt as active
component was in situ wet impregnated. Channel dimen-
sions amounted to 100�m × 200�m for the reactor side
and 70�m × 100�m for the cooling gas side (nitrogen). In
this early work, in 1 cm3 reactor volume complete conver-
sion could be already achieved at temperatures below 220◦C
generating 150 W of thermal energy which were removed
by the cooling fluid.

Janicke et al.[84] applied the reactor for the same reac-
tion in a by far more detailed study stressing the possibility
of applying the system as a catalytic burner for automotive
applications. Here channel dimensions of 140�m×200�m
were used for the reaction area and 70�m×100�m for the

cooling channels. Alumina layers were generated by CVD
and Pt was introduced via up to threefold wet impregnation
to improve the loading level. Catalyst characterisation was
performed by SEM and EDX and even coatings of 10�m
thickness were found. Krypton adsorption was performed
revealing a low surface area of 0.17 m2/g as the coated car-
riers, and not the coating alone were analysed. A Pt particle
size of 15 nm was determined by XRD which did not change
during the reaction. At low Pt loadings, which correspond
to a single impregnation procedure, the reactor was exter-
nally heated to 80◦C leading to complete conversion and a
power generation of 72 W. Seventy percent of the heat gen-
erated was lost. At a flow rate of 1.6 dm3/min a temperature
increase of 300 K was observed.

Occasionally, owing to experimental errors, which oc-
curred during the post-mounting catalyst deposition tech-
nique, in some cases hot spot formation and subsequent
homogeneous reactions were observed in the reactor in- or
outlet. At high Pt loadings, which correspond to a threefold
impregnation procedure, ignition took place after an induc-
tion period with a gradual temperature increase from room
temperature. The temperature could be easily controlled by
the cooling gas flow rate. Interestingly, this induction period
got shorter after several experiments which was attributed to
the formation of a thin and highly active oxide layer at the
surface of the platinum which was initially in the reduced
state. At both levels of Pt loading, the coolant temperature
at the exit was higher than the temperature of the products
which was explained by hot spot formation. Further exper-
iments were carried out by Janicke et al.[85] using cooling
oil. Surprisingly, for a cross-flow heat exchanger, an exit
temperature of 207◦C was determined for the heat carrier,
whereas the product gas exited at 70◦C. This phenomenon
was attributed to the fact, that most of the energy was trans-
ferred to the oil at the feed inlet. Subsequently, the product
was then cooled by the cold oil not yet heated up.

Görke et al.[86] investigated the catalytic oxidation of
hydrogen in an integrated cross-flow heat exchanger/reactor
which was combined with a mixer for feed preparation. The
reactor was build as a measurement tool for the determina-
tion of kinetics of fast and highly exothermic heterogeneous
gas phase reactions. The reactor had a height of 1.6 mm at a
width and length of 14 mm each. The channels were 200�m
wide and 70�m thick and each of the 16 stainless steel foils
of the stack carried 38 channels. Twelve foils were used
for cooling the reactor with water and four foils were used
as reaction zone which were impregnated with Pt directly
on the stainless steel surface. Using 324 measuring points
taken at temperatures between 35 and 75◦C, hydrogen con-
centrations between 1.6 × 10−3 and 11.0 × 10−3 mol/dm3

and oxygen concentrations between 1.7 × 10−3 and 7.3 ×
10−3 mol/dm3 a kinetic expression for the reaction was de-
termined on the basis of a Langmuir–Hinshelwood model.
The Mears criterion was applied to verify that no mass-
transfer limitation were to be expected for the system from
the gas phase to the non-porous catalyst. No heat transfer
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limitation in the boundary layer was found according to the
Anderson criterion. TheNu number calculated amounted to
5.7. For a cooling flow of 7.5 dm3/min the temperature in-
crease of the water was 1.8 K at a power generation of 30 W
of the reaction. The overall heat transfer coefficient was cal-
culated to be as high as 15 kW/(m2 K). No increase of the
gas outlet temperature was observed proving that the heat
was completely removed. From the kinetic experiments an
activation energy of 17.3 kJ/mol and an adsorption enthalpy
of 252 kJ/mol for oxygen was found for the highly endother-
mic reaction. The frequency factor was high as well (1.16×
109 mol/(dm3 s)) which points at the high reaction rate.

Rebrov et al.[87,88] developed an integrated cross-flow
heat exchanger/reactor for the platinum-catalysed ammonia
oxidation to N2O. This highly exothermic reaction occurs
at low temperatures, short residence times and high reaction
rates. Nitrous oxide is used for the selective oxidation of
methane to methanol and of benzene to phenol, respectively,
in a single reaction step. Poor temperature management of
the reaction impairs nitrous oxide selectivity, which has
a maximum at a temperature of 325◦C [31]. Industrially,
N2O is either produced by ammonium nitrate decom-
position or bio-chemically. Therefore, the application of
micro-structured reactors has a potential to improve the
performance of the process. Additionally, mass-transfer
limitations are to be expected for the reaction at higher
temperatures. The application of a micro-reactor for kinetic
investigations is thought to extend the kinetically controlled
temperature range to higher values[31]. The reactor applied
had a Ni housing which could withstand temperatures up to
430◦C. The housing was divided into a heated zone where
the feed was preheated and the reaction took place and a
cooled zone for quenching of the products to a temperature
of −20◦C. The zones were separated by a ceramic layer.
Four types of reactors were tested in the scope of the inves-
tigations. The first one was a parallel plate reactor taking up
a stack of 20 aluminium plates 4.34 mm wide and 0.3 mm
thick. The channels were 7 mm long, 500�m wide and
380�m deep. The plates were treated by anodic oxidation
and the resulting alumina layer of approximately 20�m
thickness was impregnated with Pt at three loading levels
of 0.05 (referred to as reactor Al below), 0.2 wt.% (A2) and
1.3 wt.% (A3) on alumina. Pt is known to have an at least 2
orders of magnitude higher turn-over-frequency (TOF) for
the reaction compared to all other metals, which may be
more selective[31]. The catalyst was reduced in hydrogen
at 400◦C for 1 h prior to testing. The second reactor (B) was
a Pt monolith of the size 10 mm× 10 mm× 9 mm manu-
factured by conventional machining. The 49 channels had a
diameter of 500�m and a length of 9 mm. The third reactor
(C) consisted of 14 plates 9 mm long, with 7 channels on
each plate being 140�m deep and 280�m wide. To improve
the heat transfer between the plates, they were mounted prior
to the oxidation and impregnation steps. The fourth reactor
(D), being the reason why this work is attributed to the heat
exchanger based reactors, was designed as a cross-flow heat

Fig. 17. Assembly of the micro-reactor D designed by Rebrov et al.[87].

exchanger each plate carrying half-circles of one level of the
tubular reaction cooling channels (seeFig. 17). The plates
were made of aluminium and the thickness of the plates was
270�m. The reaction channels had a diameter of 145�m
to avoid diffusion limitations, the cooling channels were
300�m wide. Twenty reaction channels were machined into
each of the plates. For the experiments, a residence time of
0.33 ms was assumed for the reaction channels resulting in
a flow velocity of 20 m/s which is still laminar flow (Re=
220) and a pressure drop of 3.5%. The feed composition
of the standard test performed amounted to 6 vol.% NH3 in
88 vol.% O2 and 6 vol.% He.Table 3gives an overview of the
results. Reactors Al and A2 have a low level of Pt loading,
whereas reactors A3 and C are expected to have clusters of
Pt on their surface, which explains their better performance.
Clusters of at least five atoms are regarded as necessary for
a good performance of the catalyst. For a cluster size of
2.3 nm a TOF of 40 s−1 was found. The best performance
showed reactor C, which was attributed to the improved
heat removal through the walls. In the A-type reactors the
aluminium plates were melted together due to the poor heat
transfer at ammonia concentrations exceeding 12 vol.%.
Generally, a heat removal got necessary when ammonia
concentration in the feed exceeded 10 vol.%. Reactor C was
run autothermally at 14 vol.% ammonia concentration in the
feed and a temperature of 325◦C. It was found that a large
excess of 90 vol.% oxygen in the feed doubled the selectiv-
ity towards N2O compared to a stochiometric feed compo-
sition. Quenching helped to avoid consecutive reactions of
N2O. Decreasing the residence time below 0.3 ms was ben-
eficial for the selectivity towards N2O. By calculation of the
Damköhler number it was found that at temperatures exceed-
ing 325◦C mass-transfer limitations need to be taken into
consideration for the reaction system. Simulations were car-
ried out in order to optimise the inlet and outlet dimensions
and the dimensions of the individual channels concerning
both flow distribution and axial/transverse temperature de-
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Table 3
Conversion of ammonia and selectivity to nitrous oxide for various Pt loadings and micro-reactors, respectively (according to Rebrov et al.[88])

Reactor Flow rate (1/min) Pt loading (mg) Conversion (%) at 320◦C Selectivity (N2O) (%) at 320◦C

Al 0.6 0.022 25 7
A2 1.175 0.086 50 24
A3 4.43 0.56 100 40
B 0.58 – 100 27
C 4.29 0.543 100 49

viations. This was done to equalise the residence time in the
channels. The calculations revealed, that a temperature dif-
ference of 9◦C between two channels generates a conversion
difference as large as 20%. From these simulations and the
results generated experimentally at reactor C, a selectivity to-
wards N2O of 52% seemed to be achievable. The feed com-
position for future experiments in an optimised reactor was
proposed to be 20 vol.% ammonia in oxygen at an inlet tem-
perature of 175◦C and a cooling gas temperature of 20◦C.

Rebrov et al.[89] developed a kinetic model for the low
temperature ammonia oxidation. Numerous literature data,
which will therefore not be completely cited here, were used
to set up a reaction scheme. The measurements were carried
out in reactor C of a prior publication of Rebrov et al.[88].
The kinetic experiments were performed at a Pt-catalyst with
3.5 wt.% loading, which showed 40% dispersion and 2.3 nm
particle size. Steady state data were generated after a 12 h
pre-treatment in a 6 vol.% ammonia in oxygen feed. The am-
monia concentration was then varied between 2 and 12 vol.%
NH3 in oxygen or oxygen/helium at residence times be-
tween 0.3 and 0.82 ms. For the kinetic modelling, a dual site
mechanism was chosen, where adsorbed O2, OH and H2O
ad-species occupy the hollow sites[90], and absorbed NH3
and NH2 ad-species occupy single-on-top adsorption sites
[91,92] and adsorbed NH and N ad-species occupy single
bridge sites[93]. The latter two types of sites were not dis-
tinguished here. Ammonia adsorption was assumed to pro-
ceed via an intrinsic precursor state, where a molecule is
trapped and then diffuses to an empty site[94]. From liter-
ature, the adsorption was assumed to proceed non-activated
[95], molecular[96] and the bonding to take place via the
nitrogen atom[97]. The adsorbed oxygen was regarded as
an immobile ad-species[98]. It was assumed that the oxy-
gen concentration is restricted to one monolayer. Molecular
chemisorbed oxygen was not included due to lack of kinetic
data. A kinetic model of 19 reactions was then set up and
reduced to a lumped model after sensitivity analysis. Am-
monia decomposition was considered as one lumped irre-
versible reaction step with first order regarding the oxygen
surface sites. The micro-channel reactor was simulated ap-
plying the kinetic model. Firstly, a single channel plug-flow
model was applied. The kinetic parameters were determined
by regression of the integral data from 103 experimental
runs performed in the micro-reactor. Qualitatively, the sim-
ulation results agreed very well with the experimental data
and revealed, that high oxygen partial pressure is necessary

to achieve high N2O selectivity. The maximum selectivity
towards nitrous oxide was found at 330◦C for an ammonia
partial pressure of 0.066 bar and an oxygen partial pressure
of 0.88 bar. The TOF values predicted by the model for a
temperature of 413 K agree well with data found in literature
[99]. Between 873 and 923◦C a TOF of 60 s−1 was achieved
at full ammonia conversion, however, mass-transfer limita-
tions were observed under these conditions. An apparent ac-
tivation energy of 129.6 kJ/mol was calculated based on the
13 step lumped model. The plug-flow model over-estimated
the ammonia conversion and nitrous oxide selectivity, which
were determined experimentally at temperatures exceeding
573 K. This could be attributed at least partially to the fact,
that the feed was not preheated during the experiments. An
improved prediction of the experiments could be achieved
applying a complete Navier–Stokes model. Among other re-
sults, the detailed calculations revealed a thermal equilibra-
tion in the reactor after 6 mm length without preheating of
the feed at a low residence time of less than 1 ms.

Moreover, Rebrov et al.[100] optimised the non-uniform
flow-distribution of a micro-structured cross-flow heat ex-
changer/reactor made of aluminium to achieve an equal tem-
perature distribution for kinetic measurements of ammonia
oxidation. Target of the work was to run the highly exother-
mic reaction at 15–20 vol.% inlet concentration, which
corresponds to an adiabatic temperature rise of 1800◦C and
to improve the selectivity towards nitrous oxide. The diam-
eter of the cylindrical channel system under investigation
amounted to 145�m, the length to 6.5 mm. Temperature was
kept below 300◦C and the residence time below 0.33 ms.
Each micro-structured plate carried 20 semi-cylindrical
channels for the chemical reaction, which formed cylindrical
channels with its counter-part. The thickness of the alumina
layer carrying the catalyst was set at 8�m and the catalyst
loading to 7.5 × 10−3 mol Pt/m2. The kinetic expressions
applied were based upon a former publication of Rebrov
et al. [88]. A reaction order of 0.02 was applied for the
ammonia concentration, in a partial pressure range between
0.05 and 0.2 bar. For lower partial pressure values, a reaction
order of 1 was used. The reaction order concerning oxygen
was set to−0.06 for the entire partial pressure range used
in the experiments. The following adopted power law was
applied in the temperature range between 310 and 340◦C:

rNH3 = k1k2pNH3

(1 + k1pNH3)p
0.06
O2

(10)
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Nine cooling channels were used for heat-removal by nitro-
gen. Four designs were checked the difference of them being
the distance between reaction and cooling channels, which
was varied from 125 to 670�m. For this concept, preheating
of the feed to 175◦C was assumed. Generally, a decrease
of the plate thickness increased the axial heat transfer and
decreased the temperature gradients, but also increased the
reactor size, of course. Additionally, the benefits from the
non-uniform flow distribution were deteriorated this way.
Temperature gradients up to 20◦C were found and could
be reduced to 3◦C by sending 35% more coolant through
channels number six to nine. Additionally, any distance be-
tween 470 and 670�m did not show substantial difference
concerning the temperature distribution. Then inlet and out-
let chamber geometry were optimised. An optimum asym-
metric position of the inlet and outlet at a diameter of 1 mm
each was determined. The angle between chamber wall and
reactor channel front did not affect the flow pattern between
values of 0 and 10◦ and was therefore set to 5◦. Finally, the
optimum distance between chamber wall and reactor channel
front was found to be 300�m. The latter parameter was not
significant as well, as switching from 300 to 610�m did only
change the velocity distribution by 6%. Based upon these
results, a reactor was manufactured of aluminium. It carried
eight plates each with 20 reaction channels of 145�m width
at a distance of 155�m and with nine cooling channels of
300�m width at a distance of 300�m at the reverse side. The
plates were treated by anodic oxidation to gain an alumina
layer of 8�m thickness. Impregnation was performed by cir-
culating Pt-solution through the channels. The catalyst was
then oxidised in pure oxygen for 6 h at 450◦C and thereafter
reduced in 10 vol.% hydrogen at 340◦C. For a total feed rate
of 2 dm3/min at a O2/NH3 ratio of 5.7, a selectivity towards
nitrous oxide of 40% could be achieved. The coolant flow
was 5.4 dm3/min, the product outlet temperature amounted
to 325◦C. The results generated at the optimised reactor
were compared to a micro-reactor without heat exchanger
made from aluminium[89]. For this reactor, temperature gra-
dients of 14◦C existed in axial direction at full conversion
of 6.6 vol.% ammonia in oxygen. Compared to this simple
reactor, the selectivity to nitrous oxide could be significantly
increased from 41 to 44% at a O2/NH3 ratio of 10.

Fig. 18. Schematic explosion drawing of the micro-structured reaction device designed by Brandner et al.[101].

Brandner et al.[101] developed a both heated and cooled
reactor for temperature cycling experiments. Heating was
done electrically and permanently by integrated cartridges
of 6.3 kW electrical power while cooling was done peri-
odically using a cooling fluid. Six micro-structured plates
carrying 81 channels of 22.5 mm length, 350�m width and
150�m depth formed the cooling passage of the reactor
while four reaction plates carried three meandring chan-
nels each 380�m wide, 150�m deep and 710 mm long
(seeFig. 18). The total mass of the reactor was as low
as 117 g. The reactor was sealed by diffusion bonding and
electron beam welding. The coolant water was fed at pres-
sure drops up to 10 bar and a flow rate between 15 and
45 dm3/min through the reactor. To minimise the liquid hold
up of the reactor during the heating period, the removal of
the coolant was done by air at a pressure of 12 bar. At a
heating power of 450 W and a water flow of 15 kg/h the
reactor temperature could be increased from 70 to 250◦C
within 30 s. However, the temperature of a 100 cm3/min ni-
trogen flow did increase from 60 to 140◦C at the same
time. At even higher heating power of 1700 W, a tempera-
ture jump of the reactor core from 120 to 225◦C could be
achieved in 2.1 s with no measurable change of the nitrogen
temperature which was attributed to an average tempera-
ture the outer regions of the reactor approached during tem-
perature cycling. Later on, Brandner et al.[102] presented
an updated version of the reactor which contained three
separately controlled heating blocks and was expected to
reach half-cycle times of 0.5 s at temperature differences of
100◦C.

3.2.2.2. Counter-flow heat exchangers/reactors.The ap-
plication of counter-flow heat exchangers allows not only for
a higher heat-exchanging efficiency compared to cross-flow
heat exchangers but also for the adjustment of temperature
gradients in the reaction zone. This has a potential for fur-
ther improving yields and selectivities of various chemical
reactions in a single integrated device in a more advanced
way like it is done in industrial macro-scaled reactors. An
alternative to the incorporation of heat-exchanging devices
into the reactor, to cold gas (steam) injection or construction
of multi-stage reactors is provided.
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Fitzgerald et al.[103] presented a micro-structured iso-
octane heat exchanger/steam-reformer heated by combustion
gas with a total volume of 30 cm3 which produced enough
hydrogen for a 0.5 kW PEM fuel cell. At ambient pressure, a
temperature of 650◦C, a residence time of 2.3 ms and a high
S/C ratio of 6, up to 95% conversion were achieved at 90%
hydrogen selectivity. Decreasing the S/C ratio decreased
the iso-octane conversion, but not the hydrogen selec-
tivitiy.

Walter et al.[104] applied an externally heated micro-
reactor, which may be applied as a counter-flow heat ex-
changer as well (see below) from IMM for the partial oxida-
tion of isoprene to citraconic anhydride in a heterogeneously
catalysed reaction as an alternative to the industrial process
which is by far more complex. The catalysts applied for the
system contained vanadium and titanium oxide in various
amounts. Conventional catalysts were made for comparison
with surface areas in the range from 6 m2/g for pure vana-
dium oxide up to 15 m2/g for V30Ti70Ox. All conventional
catalysts were prepared by impregnation on a TiO2 support.
The pure vanadium oxide catalysts performed best in con-
ventional fixed-bed testing. Selectivitites found for the con-
ventional catalysts were ranging between 27 and 30% being
independent of the molar vanadium content in the range be-
tween 5 and 75%. The active compounds were introduced
by both anodic oxidation and wash-coating into the micro-
channels. After anodic oxidation of the micro-structured alu-
minium platelets they were impregnated with vanadyl and
titanyl acetylacetonate resulting in a V50Ti50Ox alumina-
based catalyst. The impregnation procedure resulted in an
accumulation of vanadium and titanium in the holes of the
rough surface. Aluminium wires were prepared in parallel
by anodic oxidation for surface area measurements. Surface
areas in the range of 5 m2/g were found. For the wash-coat
preparation conventional catalyst was ground and intro-
duced onto the micro-channels together with silicate solu-
tion. This resulted in 10–40�m thick layers of high surface
areas (35 m2/g for pure vanadium oxide and even 110 m2/g
for V50Ti50Ox). An identical flow rate of 1.5 scm3/min per
channel was adjusted to get comparable results despite of
the different amounts of plates introduced into the reactor.
Each plate carried 34 channels of 20 mm length and a hy-
draulic diameter of 230–280�m. Experiments were carried
out at an isoprene concentration of 0.6 vol.% and a pressure
of 1.2 bar. The selectivities found for the coatings were
slightly lower compared to the fixed-bed catalyst for the
wash-coats (22–25%) and significantly lower (12%) for the
catalysts prepared by anodic oxidation. Maximum yields
achievable were inferior for the wash-coats compared to
the conventional catalysts. This was attributed to both the
residual sodium found in the wash-coats stemming from
the preparation procedure and deep oxidation of citraconic
acid at the stainless steel and aluminium walls of the micro-
reactor (the conventional reactor was made of ceramics).
Additionally, the isothermal behaviour of the micro-reactor
was claimed to be responsible for the inferior performance.

The same reactor was applied for forced temperature os-
cillations as an integrated heat exchanger/reactor for the de-
hydration of iso-propanol to propene and di-isopropyl-ether
over �-alumina catalysts by Rouge et al.[105] to increase
the yields achievable in this reaction system. Simulations
were carried out revealing that a 90% change of the first
to the second temperature of a temperature cycle should
be achievable within 3 s. The main limitation of the heat
transfer was found between the heating oil and the stainless
steel of the reactor. Most of the heat stored in the oil was
expected to be lost at the reactor inlet and the heat to be
transferred mainly through the solid by conductivity. Con-
sequently, downstream the temperature changes took longer.
Of course the housing took much longer to reach a new tem-
perature. Nine couples of heat exchanger and reactor plates
were applied for the experiments and channel dimensions
were 300�m width and 240�m depth at a length of 20 mm.
The plates carried again 34 channels each. They were iso-
lated from the reactor housing by MACOR ceramic plates.
A total of 110 mg catalyst was introduced into the reactor
which had a total inner volume of 0.9 cm3. The experiments
were carried out at flow rates between 0.66 and 1.66 cm3/s
and an iso-propanol concentration of 0.92 mol/m3. Temper-
ature was cycled between 190 and 210◦C applying two oil
circuits. After increasing the temperature desorption effects
led to a peak of the iso-propanol concentration at the reactor
outlet. Corresponding negative peaks were found when de-
creasing the temperature again. After that initial effect, the
iso-propanol concentration approached a new steady state
very slowly within 60 s. However, the propene concentration
followed the temperature cycles immediately. These effects
were attributed to the inhibition of the reaction by the reac-
tant and water. Performing experiments at 10 s temperature
cycling resulted in a 5 s shift for propylene and a 10 s shift for
iso-propanol. The by-product ether was only formed to a mi-
nor extend. Further optimisation of the temperature cycling
would be necessary to optimise the reactor performance.

Later on, Rouge et al.[106] worked on concentration
cycling for the same reaction system in the same reactor.
The intention was to make use of the so-called stop-effect,
which shows an increased reaction rate, when the reactand
is removed from the feed. Two species of active sites exist
on the catalyst surface, which are both occupied by the
feed molecule. As the second type of active site needs to be
un-occupied for the dehydration reaction, the feed molecule
inhibits its reaction. Simulations showed that periodic op-
eration has a potential to improve the productivity of the
process especially at short cycling times. The same type of
plates like described in the earlier work was used but the
number of plates was reduced to either 5 or 10 for the exper-
iments. For five plates a Bodenstein number of 70 was found
by residence time measurements which could be described
by simulation in perfect agreement. Thus the micro-reactor
behaved almost like a plug-flow reactor. It was found that the
ratio of cycle period to residence time should be at least 2 in
order to avoid a severe deterioration of the inlet signal in the



G. Kolb, V. Hessel / Chemical Engineering Journal 98 (2004) 1–38 25

Fig. 19. Outlet concentrations during a periodic cycle at a iso-propanol switch from 0.86 mol/m3 to 0 at t = 0 s (30 s cycle time, residence time 175 ms)
determined by Rouge et al.[106] for the dehydration of iso-propanol.

reactor. The concentration cycling was done by switching
between the feed flow and an inert gas flow. The experimen-
tal conditions were a pressure of 1.3 bar, a temperature of
200◦C and an iso-propanol concentration of 0.86 mol/m3.
A mixture of inert (nitrogen) and water at a concentration
of 0.25 mol/m3 was also introduced into the reactor during
some of the experiments. When switching from alcohol
feed to inert gas, a sharp peak of product (propene) was
found due to the stop-effect (seeFig. 19). Accordingly, a
similar peak was found for the water when the gas flow
was switched from inert to feed. The product peak was
not found when the gas flow was switched from propanol
to water, as the latter only expelled the propanol from the
sites, no free sites remaining for the reaction. Assuming
therefore the following advanced model of the reaction, the
dynamic behaviour of the reactor could be described:

isopopanol+ water− site type 1↔ isopopanol− site type 1+ water

isopopanol+ site type 2↔ isopopanol− site type 2

water+ site type 2↔ water− site type 2

isopopanol− site type 1+ site type 2↔ water− site type 1+ propene+ site− type 2

Liauw et al.[107] demonstrated, that a stationary vortex may
be formed at a conical inlet of a stack-like micro-reactor
which deteriorates the residence time behaviour if feed con-
centrations are changed.

Steinfeld et al.[108] investigated the oxidative dehy-
drogenation of propane in a fixed-bed reactor and in the
micro-reactor developed by IMM at VOx/Al2O3 catalyst.
At 460◦C inlet temperature, selectivity dropped from more
than 70% to about 50% with increasing conversion (from 5
to 15%). In turn, carbon monoxide and dioxide selectivities
increased. At 460◦C, the space–time yield was increasing

linearly (maximum: 0.3 mol/(kg s)) when increasing the
partial pressure for propene from 10 to 50 kPa. For the same
temperature, the impact of oxygen partial pressure was less
remarkable for both reactors. At higher temperatures (490
and 502◦C), more carbon dioxide formation was noted for
the micro-reactor when increasing propene partial pressure
which was explained by unspecific total oxidation due to the
stainless steel walls having large specific area. For increasing
the oxygen partial pressure at the same temperatures, carbon
monoxide formation in the micro-reactor was high. Experi-
ments at fixed flow rate allowed a comparison of the reactor
performance as a function of the inlet temperature. The
conversions rose steeply with increasing inlet temperature.
It turned out that in all cases investigated higher propene
and oxygen conversions resulted for the fixed-bed reactor.
Propene conversions, for instance, differed as much as about

10%. Measurements of local temperatures confirmed that
hot spots up to 100◦C were responsible for this difference.

3.2.2.3. Counter-flow heat exchangers/reactors for evap-
oration purposes. The heat generation of a chemical
reaction may well be exploited to evaporate liquids in a
micro-structured reactor.

Tonkovich et al. [109] applied micro-technology for
methanol processing as a hydrogen source for fuel cells.
They claim a 90% size reduction due to the introduction of
micro-channel systems, which is crucial for mobile reform-
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ing applications. The device makes use of the hydrogen
off-gas of the fuel cell anode which is burnt in monoliths
at palladium catalyst to deliver the energy for the fuel
evaporation. A metallic nickel monolith 0.63 cm high was
etched and impregnated with palladium to act as a reactor
for the anode effluent. It was attached to a micro-structured
device consisting of liquid feed supply channels and outlet
channels for the vapour the latter flowing in counter-flow
to the anode effluent. A bench-scale evaporator was firstly
built consisting of one monolith and heat exchanger plates
5.7 cm wide and 7 cm long. The stainless steel channels
manufactured by EDM were 254�m deep and the vapour
channel depth was varied from aspect ratios of 4–18 the
latter being the optimum value as found by experiments.
At Pd loadings of more than 5 wt.%, 80–90% hydrogen
conversion was found for a synthetic anode effluent contain-
ing 6.7% hydrogen. The heat exchanging efficiency of the
bench-scale evaporator increased linearly with the aspect
ratio of the vapour channels and reached a value of 92% at
an aspect ratio of 18. The full scale reactor/evaporator had a
total size of 7.6 cm× 10.2 cm× 5.1 cm and was composed
of four monoliths of 5 cm2 cross-sectional area and four
heat exchangers with 7.2 cm2 cross-sectional area. This
device was claimed to evaporate 208 cm3/min methanol
by converting 25 dm3/min hydrogen at a level of 100%,
an efficiency of 93.2% and a heat flux of 145 W/cm2. The
methanol vapour exited the device at 203.4◦C. Cleaning of
the evaporation channels was said to be necessary on a reg-
ular basis by burning off the coke deposits formed during
operation.

Drost et al.[110] developed an evaporator combined with
a micro-scale combustion chamber for homogeneous com-
bustion of hydrocarbons. The main focus of the work was
to maintain a stable combustion of the fuel avoiding NOx

formation. Evaporation tests were carried out under isother-
mal conditions. Fifty-four parallel channels, 270�m wide
and 1000�m deep at a length of 20.52 mm were cut into a
copper substrate with a diamond saw. Basically, an unsta-
ble two-phase flow was found at the exit of the evaporator
which was indicated by highNu numbers in the range be-
tween 20 and 30. Then a combined combustor/evaporator
was designed which consisted of a ceramic tube as combus-
tion chamber placed in a stainless steel housing (dimensions
41 mm× 60 mm× 20 mm). Ignition wires were used to ini-
tiate the reaction. The combustion gases then entered cool-
ing channels which were combined with evaporation chan-
nels for the water. Both channel systems manufactured by
EDM were 35 mm long, 300�m wide and 500�m deep. An
alternative design was developed for methane combustion,
where a sintered metal plate served as flame arrestor. The
device had a size of 50 mm× 50 mm× 10 mm. For a cool-
ing water flow rate of 1.32 g/s, heat fluxes up to 28 W/cm2

were achieved at a combustion efficiency of 82%. The best
combustion efficiency of 91% was achieved at a heat flux
of 6 W/cm2. NO emissions of the system were determined
between 5 and 15 ppm.

3.2.3. Reactors for screening of micro-structured catalyst
carriers

Ouyang et al.[25] propagate the application of chip-like
reactors for catalyst screening. There are two types of screen-
ing instruments. The first type is a high-throughput device
for sample numbers higher than 100 which is used to find
about 10 leads. The second type is designed in order to gain
more information about these leads to identify the optimum
catalyst. The advantages of micro-reactors for screening pur-
poses are manifold. Their reduced size lowers the operation
cost, their response times are shorter and they may be run
safely even under explosive conditions. Ouyang et al. pro-
posed to set up an array of micro-reactors, which was al-
ready described inSection 3.1, and to apply it for the second
stage of catalyst screening.

Senkan et al.[111] developed a catalyst screening de-
vice which is based on pelletised samples of catalysts ar-
ranged in an array reactor for testing. The reactor, which
ranges dimension-wise at the boarder-line between micro-
and mesoscale, is composed of two silica ceramic slabs one
of them carrying 20 channels having a size of 1 mm×1 mm
and a cylindrical well for the pellets. A second slab was
covering and sealing the reactor. The gas flow rates in the
individual channels were found to deviate by less than 5%.
Four of these reactor arrays were put into an aluminium heat-
ing block which allowed for parallel testing of 80 catalyst
samples. The temperature in a single array and between the
arrays deviated by less than 1◦C. The pellets made of high
surface area alumina had a diameter of 4 mm and a height
of 1 mm. They were impregnated with various automati-
cally premixed solutions of the active metals having different
composition. The reactor was applied for the testing of Pt,
Pd and In catalysts and combinations thereof. The catalytic
dehydrogenation of cyclohexane was chosen as the reaction.
Ten percent cyclohexane in argon was fed to the arrays with
4 ms contact time after a pre-reduction treatment. Sampling
was done by inserting a sampling probe 2 mm deep into the
sample exit channel for 5 s allowing for acquiring two to
five data sets by mass spectrometry. This way the analysis
of all 80 samples was possible within 10 min. Platinum and
palladium were both found to be active for the reaction, but
pure In showed no activity. However, a combination of 0.8%
Pt, 0.1% Pd and 0.1% In was found to be the most active
candidate (seeFig. 20). The array of catalysts was repeat-
edly analysed every 10 mm for 24 h showing that all samples
deactivated by coking. The coke could be removed by cal-
cination in air and most of the activity could be regained. It
was found that the addition of 0.1% Indium had little impact
on the initial activity but reduced the rate of the deactiva-
tion reaction considerably. The sample array was screened at
four different temperatures and Arrhenius plots were made
revealing an increasing importance of diffusion limitations
with increasing temperature for the highly active samples.

Zech et al.[112] developed together with IMM an exter-
nally heated reactor which was able to take up 35 micro-
structured plates within a volume of 10 cm3. The plates had a
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Fig. 20. Initial activity for benzene formation from cyclohexane of the
Pt/Pd/In catalyst library determined by Senkan et al.[111].

channel width of 150�m at various aspect ratios. The max-
imum temperature of the reactor amounted to 450◦C. Sam-
pling was done by a capillary controlled by a CCD camera.
The capillary moved up to 5 mm deep into the outlets of the
35 plates. Analysis was done by a mass spectrometer. The
whole system was fully automated[113] and set not only the
capillary position but also reaction conditions like residence
time, feed concentration, temperature and pressure. Addi-
tionally, on-line data storage in an oracle database was ap-
proached. The response time of the whole system amounted
to 15 s, which summed up to a sampling time demand of
1 min per sample. Even at gas flow rates of 1 cm3/min for
each wafer a sufficient signal-to-noise ratio was found for
the device. The reproducibility of the results generated at
the individual positions of the plates, which depended on
the proper design of the diffuser at the reactor inlet, was op-
timised[113]. Reproducibility of the results generated at a
given set of samples was proven as well. The cross-talking,
between the individual plates, which is caused by the leakage
rate from one plate to another, was determined by putting
just one active plate into the reactor. Only a very low signal
of 2% of the signal detected for the active plate was found
for the neighbouring plates. Step changes of methane con-
centration in the feed revealed that all species detected at
the reactor outlets followed within less than 30 s except for
the water which took 200 s to achieve a new steady state.
Methane oxidation at alumina-based Pt, V and Zr catalysts
and combinations thereof was applied as a test reaction to
proof the functionality of the reactor. The catalysts were
prepared by wet impregnation of alumina wafers anodically
oxidised both in sulphuric and oxalic acid. A methane-to-
oxygen ratio of 1, 550 ms residence time, a pressure of
1.1 bar and a temperature of 450◦C was set for the exper-
iments. The degree of conversion depended mostly on the
Pt content of the samples. Zirconia enhanced the reactivity.

Alumina layers generated by anodic oxidation were more
active due to their higher surface area. Later on, Claus et al.
[114] applied the reactor for the oxidative dehydrogenation
of isobutene to isobutene on V, Zr and Mn catalysts.

Kolb et al. [115] developed a novel modular screening
reactor for testing of up to 10 catalyst carrier plates. The
reactor was made of Ti due to the reaction system it was
designed for. It consisted of a core with drawers into which
the micro-structured plates were put. By variation of the
end-caps of the reactor two operation modes were possible.
Firstly, parallel screening of up to 10 plates and secondly se-
rial operation of up to 10 identically coated catalyst plates.
The latter gave the opportunity of modifying the residence
time via the catalyst mass under identical flow conditions. A
steel housing was put around the titanium reactor which was
designed for temperatures up to 500◦C due to the low sta-
bility of Ti at this temperature. This made the reactor rather
bulky (160 mm× 70 mm× 120 mm). Heating of the reactor
had to be done externally. The micro-structured plates had
dimensions of 300�m depth and 500�m width at a length of
100 mm. Experiments performed with the reactor by Wörz
at BASF at a proprietary reaction, revealed 60% yield for
the desired product at residence times as low as 40 ms in
the micro-reactor. This performance was superior to exper-
iments performed in an aluminium capillary which corre-
sponded well to the reactor design of the industrial process.
A 2000% gain in space–time yield was found for the porous
coated micro-structures compared to the aluminium capil-
laries. Later on a stainless steel version of the reactor was
developed and applied for methanol steam reforming. This
reactor was by far more compact (70 mm×55 mm×64 mm3)
compared to the former version. The cross-sectional area of
the channels was maintained but the length of the channels
was reduced to 50 mm. The reactor was heated by heating
cartridges incorporated into the housing. The functionality
of the reactor concerning cross-talking between the individ-
ual channels in the parallel operation mode was verified.
Ziogas et al.[116] performed catalyst screening with the re-
actor at catalysts coatings, which were made of various base
aluminas like corundum, boehmite and�-alumina. Testing
of Cu/Cr and Cu/Mn catalysts based on the different coat-
ings for methanol steam reforming revealed differences in
activity which were subscribed to both the different surface
area and morphology of the carrier material. The function-
ality of the serial operation mode of the reactor was proven
at the same reaction system indicating mass-transfer limita-
tions for higher flow rates.

Müller et al. [117] applied the concept of using micro-
structured titer-plates in a screening device for methane ox-
idation. The heart of the reactor consisted of a stainless
steel reaction plate micro-structured by an etching process
which contained up to 48 single reaction wells. The micro-
channels of the well were 320�m wide, 200�m deep and
5.2 mm long. The parallel reactor for screening of the titer-
plate consisted of several modules (seeFig. 21). The gas
flow was preheated and evenly distributed in a distribution
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Fig. 21. Micro-structured screening reactor developed by Müller at al.[118].

module. After the reaction had taken place on the titer plate,
the product passed an insulation module which separated the
heated section of the parallel reactor from the unheated sec-
tion and was further cooled by a heat exchanger module on
top of it. The last module just above the heat exchanger mod-
ule was a multiport valve which delivered the product gas
to the gas-chromatograph. The heating capacity of the sys-
tem allowed reaction temperatures up to 650◦C at pressure
ranges between atmospheric pressure and 10 bar. Numerical
calculations of the temperature field inside each titer plate
verified very low mutual temperature effects between adja-
cent reaction chambers even for a “hot spot” situation (see
Fig. 22), which was achieved by heat sinks positioned above
and below the titer-plate. In order to fabricate appropriate
titer plates coated with catalytically active layers, new coat-
ing techniques had to be developed[118]. Among others,
simultaneous sputtering of metal and non-metal layers was
used. During this process, the layer thickness of each compo-
nent was either de- or increased, resulting in a homogeneous
multi-component layer. Using this sputtering technique, the
preparation time of a single titer plate with up to 48 reaction
zones was reduced to less than 20 min. After the coating pro-
cedure, the titer-plates were inserted into the reactor to test
the activity of the catalysts. The reaction conditions were
held constant for all experiments. The reactor was heated up
to 475◦C and held under a pressure of 1.2 bar. The heat ex-
changer was operated at 50◦C and the throughput for a sin-
gle well was adjusted to 1 cm3/min resulting in a residence
time of 400 ms. A set of six binary mixtures of zirconium and
platinum were produced by sputtering. Zirconium served as
the inactive component which acted as a kind of dilutor for

the known good activity of platinum. The samples showed
good agreement between Pt content and catalytic activity.
Catalysts prepared by the wash-coating method were used
in order to check the reproducibility of the measurements.
For another set of experiments, six metal salts (platinum,
zirconium, molybdenum, nickel, silver, rhodium) were im-
pregnated onto a titer-plate. The catalysts were pre-reduced
inside the reactor with 5 vol.% hydrogen in 95 vol.% nitro-
gen at 250◦C. The results were recorded before and after
the pre-reduction, indicating a good reproducibility in both
cases. The conversion of methane with the rhodium catalyst
was highest followed by platinum and could be improved
by the pre-reduction. The activity could be maintained for
18 h TOS. To check for fluidic and thermal cross-talking the
same six metal catalysts were coated in six rows on another
titer-plate. Active catalysts were neighboured to less active
catalysts. The two active rows (platinum and rhodium) did
not have an effect on the neighboured less active rows (zir-
conium and silver). Thus cross-talking was not observed. In
a next test, elementary, binary and ternary mixtures of the
same metal catalysts were examined. Every mixture was de-
posited on four different wells to verify the reproducibility.
Except for some of the ternary mixtures the results were
well reproduced and consistent with the well-known high
activity of rhodium and mixtures of rhodium and platinum.
The latter showed the highest activity.

3.2.4. Ceramic micro-reactors for high-temperature
applications

Knitter et al. [119] have designed and manufactured
two types of ceramic micro-reactors by stereolithography,
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Fig. 22. Temperature distribution in the titer-plate determined by Müller et al.[118].

moulding in silicon, hot moulding and sintering which could
withstand temperatures up to 1100◦C. The first reactor, a
screening tool with exchangeable micro-structured platelets
was sealed by highly polished surfaces (seeFig. 23). The
second reactor had two separate and preheated inlets and
took up two carrier plates. Glass ceramics were used for
sealing of the second reactor. Due to the sealing techniques
applied the reactors were not suitable for high pressure
applications. Channel dimensions of both reactors ranged
around 500�m at a length of 20 mm. Lithium aluminate
was used as a catalyst introduced into the catalyst carriers
by a sol–gel method and subsequent calcination at 800◦C
and sintering at 1000◦C.

Later on, Göhring et al.[120] applied the first type of
ceramic micro-reactor for the partial oxidation of isoprene

Fig. 23. Ceramic micro-reactor with catalyst carrier plates designed and
manufactured by Göhring et al.[120].

to citraconic anhydride at temperatures between 300 and
500◦C. V75Ti25Ox was used as catalyst. The feed compo-
sition was 0.6 vol.% isoprene in air at a modified residence
time of 6 gcatmin/moltot. Full conversion was achieved in
the ceramic reactor at 400◦C already, whereas 430◦C were
necessary for a metallic micro-reactor carrying channels of
different material. Citraconic anhydride yields found for the
ceramic reactor were higher at 420◦C than yields achieved
with the metallic reactor. Oxidative coupling of methane was
carried out in the second type ceramic reactor. LiAlO2 as
the active component was introduced in different ways on
various carriers. Firstly, a sol–gel layer (1) was produced,
secondly the metal salt solvents were in situ impregnated
(2), thirdly micro-structures were machined into ceramic
monoliths (3; 17% porosity) and fourthly polymer foam was
coated with ceramic slurry revealing a monolithic structure
(4) of 75% porosity. The experiments were carried out at am-
bient pressure and temperatures between 850 and 1000◦C at
a feed flow rate of 100 cm3/min and CH4/O2 ratios between
1 and 10. Similar yields were found for both monolithic cat-
alysts being superior compared to the coated catalysts. Max-
imum conversion was achieved for all catalysts at a CH4/O2
ratio of 1 at 1000◦C which was as high as 60% for the ce-
ramic monolith (3). The maximum C2 selectivity of 30%
was found for the ceramic monolith (3) at a conversion of
15%, a temperature of 900◦C and a CH4/O2 ratio of 4.

A silicon nitride ceramic-based 2D-micro-combustor was
presented by Tanaka et al.[121]. Micro-electro-mechanical
system machining was applied to manufacture 2 and 4 cm3

hydrogen combustors, which worked without a catalyst. The
ceramic material was chosen, as silicon, glass and metals
were believed to be not suitable for the high temperature
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combustion reaction. The combustor was manufactured from
silicon powder by spark plasma sintering at 200 bar and
1215◦C to get the silicon green compact. After mechani-
cal micro-milling, the compact green was reaction sintered
in nitrogen atmosphere. All layers of the combustor were
stacked without bonding. The combustor was composed of
two chambers. In the first chamber, mixing of hydrogen and
air by shear flow was performed and the flame was main-
tained ideally in the centre of the chamber to minimise heat
losses. The second chamber was designed to achieve com-
plete combustion. Five types of combustors with different
chamber depth and opening angle of the fillets for combus-
tion air were tested. Experiments were carried out at a flow
speed in the fuel nozzle of 11.5 m/s which corresponds to a
Renumber of 1300. The residence time in the first chamber
amounted to 1 ms, and the heating power to 310 W. The loca-
tion of the homogeneous reaction was visualised with an in-
frared imager. It was found that the chamber depth had to be
significantly higher than the quenching distance of 640�m
assumed for the reaction to achieve complete combustion.
Residual hydrogen between 0.1 and 0.2% was found for hy-
drogen equivalent ratios between 0.28 and 1. Lower values
decreased the combustion temperature which led to incom-
plete combustion, higher values made the flow speed of the
gases too high and thus shifted the combustion to the second
chamber.

4. Combinations of micro-structured process
engineering components for specific applications

Hessel et al.[122] demonstrated the Andrussov synthe-
sis in one of the first combined laboratory-scale synthesis
units consisting of a gas/gas micro-mixer, a reaction zone
and a subsequent heat exchanger (seeFig. 24). The highly
exothermic reaction, which is the formation of HCN out
of methane and ammonia in a nitrogen/oxygen atmosphere
(air), takes place at a temperature exceeding 1000◦C and
a residence time of less than 1 ms. Educts were preheated
to 600◦C in a mixing zone. The reaction zone was com-

Fig. 24. Schematic of the micro-reactor assembly from Hessel et al.[122] for the Andrussov reaction.

posed of the catalyst material itself (Pt) and consisted of 20
channels 250�m long and 70�m wide. After leaving the
reaction zone the gases were cooled down in a cross-shaped
counter flow heat exchanger. At almost complete methane
conversion HCN yields up to 31% were found, which was
approximately half the value achieved in the industrial pro-
cess (60%) due to undesired total oxidation of methane to
CO and CO2. A comparison of the yields of this micro-
reactor to metallic and ceramic monoliths (pore sizes rang-
ing from 600 to 1200�m) reveals superior performance of
the smaller micro-channels compared to monoliths working
in the laminar flow regime as small dimensions are benefi-
cial at the low residence times applied.

Haas-Santo et al.[123] made use of the FZK cross-flow
heat exchanger/reactor described inSection 3.2.2.1for the
oxidation of excess hydrogen stemming from electrolytic
cells of future space vehicles. The equipment consisted not
only of a micro-structured reactor (1 cm3 volume) with in-
tegrated cooling channels but also of a micro-mixer for
feed mixing and a micro-structured heat exchanger (1 cm3

volume) put downstream for product cooling. All channel
systems had dimensions of 200�m × 70�m. The reaction
channels were coated by the sol–gel technique revealing a
2–3�m thick alumina layer with pore diameters ranging be-
tween 1 and 5 nm having a maximum at 4 nm. Due to the
preparation technique no surface area data could be obtained
but a surface enhancement factor of 430 m2/m3 was deter-
mined. Pd was introduced as active component by wet im-
pregnation. Subsequently, the catalyst was activated at 80◦C
and reduced in H2. Experiments performed with the minia-
turised process engineering device at FZK revealed complete
conversion after 120–150 s TOS at a flow rate of 1�l/min
H2 and a stoichiometric amount of O2. The cooling air flow
was 20�l/min. Direct ignition of the reaction occurred at
25◦C and outlet temperatures of the cooling air up to 220◦C
were observed. The catalyst was stable for 200 h TOS. At
Astrium laboratories, the project partner of FZK, three to
five electrolysis cells were used to generate a H2 flow of up
to 1.16�l/min revealing a liquid product (water) tempera-
ture of 40◦C at a cooling gas flow of 30�l/mm. Steady state
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of the system was achieved after 20 min when changing the
number of cells feeding the system.

Mayer et al. [124] used an electrically heated micro-
heat exchanger, a micro-mixer and a honeycomb reactor all
developed by FZK for the partial oxidation of methane to
syngas. There are various reasons for the application of
micro-reactors in this reaction. Firstly, a safe operation of
the explosive mixture is possible[125]. Due to the chan-
nel diameters being smaller than for conventional ceramic
monoliths, the surface to channel volume is higher. Com-
pared to packed beds or porous solid foams, a smaller
pressure drop is achievable. The reaction takes place at
temperatures around 1000◦C, a pressure of 25 bar and
residence times in the order of few to several hundred
milliseconds. Conventionally, the process is performed at
metal loaded ceramic supports. From calculations hot spot
formation up to 2320◦C might occur which was expected
to be minimised by the metallic catalyst. The process was
run autothermally by a combination of exothermic methane
oxidation and endothermic reforming. The metallic honey-
comb served as a medium for axial heat transfer between
both reaction zones. Rhodium was chosen as reactor mate-
rial which was the catalytically active species as well and
has a high thermal conductivity of 120 W/(m K). 200�m
wide and 5 mm long channels were manufactured for the
honeycomb reactor by mechanical micro-machining of pure
rhodium foils of 220�m thickness. By wire-EDM 60�m
wide channels 130�m deep were produced. Twenty-three
foils carrying 28 channels each were electron beam and
laser welded to get a sealed honeycomb which was pressure
resistant up to 30 bar. During diffusion bonding, which was
followed as an alternative route for sealing, large angled
grin boundaries were formed. The honeycomb structure
was then put into a ceramic holder carrying the heating
wire of 150 W heating power. The maximum temperature
of the reactor amounts to 1200◦C. The feed was mixed in
the micro-mixer, preheated in the heat exchanger to 300◦C,
fed to the reactor and quenched in conventional equipment
afterwards. 1 dm3/min to 10 dm3/min feed composed of
60 vol.% methane, 30 vol.% oxygen and 10 vol.% argon for
the standard experiments were sent through the reactor at a
pressure between ambient and 25 bar. The activity increased
with TOS up to 20 h. At 650◦C, mostly water and carbon
dioxide were produced at a 10% conversion level. After ig-
nition of the reaction at catalyst temperatures between 550
and 700◦C, a temperature exceeding 1000◦C was reached
within 1 min and mainly carbon monoxide and hydrogen
were formed. Conversion levels of 62% for methane and
98% for oxygen were achieved at 1190◦C for the fully acti-
vated catalyst. Due to the low residence time high selectiv-
ities towards hydrogen (78%) and carbon monoxide (92%)
were found under standard testing conditions at a low carbon
dioxide selectivity of 10% which decreased with increasing
temperature. Full oxygen conversion was achieved when the
methane/oxygen ratio was decreased from 2 to 1.5. Under
these conditions, methane conversion was 96% and hydro-

gen and carbon monoxide selectivities of 80% and 85%
were found. These effects were assumed to stem from the
increased heat generation by enhanced methane combustion.
Changing the GHSV from 2×105 h−1 to 1.2×106 h−1 lead
to a 10% drop of methane conversion and deteriorated hydro-
gen and carbon monoxide yields which was at least partially
attributed to mass transport limitations. To check for mass
transport limitations, the channel dimensions were varied
from 60 to 120�m width at constant depth of about 130�m.
No effect of the channel diameter on conversion and selec-
tivities was found at 900◦C. At 1090◦C, the reaction was in
an autothermal mode. No deactivation of the catalyst could
be observed during 200 h TOS. However, some 0.1 wt.%
material was lost from the monolith which was attributed to
sublimation effects[66]. To check for the effect of using air
instead of pure oxygen, the inert gas content was increased
at constant GSHV, which lead only to a slight deterioration
of the hydrogen and carbon monoxide selectivities due to the
decreasing generation of heat. The thermodynamic equilib-
rium could not be reached likely because of the low residence
time of less than 1 ms. Homogeneous reactions might well
have taken place as the residence time before the quenching
section was 30 times higher than the residence time in the
reaction zone. At flow rates exceeding 3 dm3/min, autother-
mal conditions were reached. Increasing the pressure from 1
to 12 bar at constant flow rate, lead to lower conversion and
selectivities towards hydrogen and carbon monoxide. At
12 bar, a selectivity of 3% towards ethylene was found. At a
pressure of 20 bar, using air instead of oxygen and a 20 mm
long honeycomb, lower methane conversion and selectivi-
ties towards CO and hydrogen were found as well. Higher
pressures lead to soot formation in the section after the hon-
eycomb and before the quench. It was proposed to control
the heat formation by adding methane downstream in the
reaction zone by nozzles to avoid product back diffusion.
Compared to results from literature[126] the degree of con-
version and the hydrogen selectivities of the rhodium mono-
lith outperformed both metal coated foam monoliths, Pt–Rh
gauzes and extruded monoliths. This was partially attributed
to the expected higher activity of the rhodium monolith, but
also to the lower cross-sectional channel area of the metallic
monolith, which reduced mass-transfer limitations and the
improved heat conductivity, which enhanced the transport
from the exothermic to the endothermic area of the monolith.

An early work from Tonkovich et al.[127] dealt with
a heat exchanger/reactor containing catalyst powder for
the partial oxidation of methane for distributed hydrogen
production. The intention was to run the reaction safely
in a micro-structured reactor due to the short residence
times applied and the improved heat removal avoiding hot
spot formation. A 5 wt.% rhodium catalyst was applied on
mesoporous silica. The reactor with a total size of 7 cm×
3.8 cm× 0.4 cm consisted of nine plates each carrying 37
channels of 254�m width and a large depth of 1.5 mm at a
length of 35 mm. Before the reactor, a heat exchanger was
installed as preheater supplied with energy from a heating
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Fig. 25. Flow scheme of the supply system of the steam reformer devel-
oped by Whyatt et al.[128].

fluid. After the reactor, the products were quenched in an-
other heat exchanger by cooling fluid. All three devices were
integrated into a stack and sealed with nickel gaskets. A feed
of 100 cm3/min methane and 50 cm3/min oxygen was intro-
duced into the reactor at a pressure loss of less than 2.5 mbar.
The residence time of the reaction was as high as 50 ms.
Sixty percent conversion was found together with a high car-
bon monoxide selectivity of 70% at a temperature of 700◦C.

Later on, Whyatt et al.[128] presented results gener-
ated at a combined system of independent evaporators, heat
exchangers and reformers for iso-octane steam reforming.
Four integrated reformers/heat exchangers switched in se-
ries were fed by four independent water vaporizers which
got their energy by combustion of anode-off gas performed
in an independent burner (seeFig. 25). The fuel was evap-
orated in a second unit which also preheated the steam/iso-
octane vapour in a second stage. This unit was heated by
the hot reformate. The reactors were designed as cross-flow
heat exchangers. Their energy supply was stemming from
the burner off-gas which was sent to the water evaporators
afterwards. The machining of micro-structured components
was done by photochemical etching and diffusion bonding.

Table 4
Conversion, power density, reaction temperature and reformate composition for various fuels according to Whyatt et al.[129]

Fuel Methane Propane Butane Methanol Ethanol Iso-octane Sulphur-free gasoline

C1 feed-rate (10−4 mol/s) 8.13 8.34 11.62 8.07 10.4 7.51 10.8
Conversion (%) to C1 95 99.8 99 100 98.9 100 99.6
Power density (kW/dm3) 2.26 4.06 5.98 1.69 2.25 1.70 2.27
Reaction temperature (◦C) 725 775 751 725 724 725 725

Dry reformate composition
H2 (%) 75.7 72.3 71.6 70.4 70.0 70.9 70.1
CO (%) 12.7 14.8 14.6 14.1 13.7 14.7 14.9
CO2 (%) 10.4 12.0 12.9 14.9 15.2 13.3 14.1
CH4 (%) 2.0 0.7 0.8 0.6 0.9 1.1 0.9

The reformers achieved up to 98.6% conversion at a reac-
tion temperature of 750◦C, a S/C ratio of 3 and a product
composition of 70.6% H2, 14.6% CO, 13.7% CO2 and 0.9%
CH4. Doubling the reformate output was claimed to be fea-
sible in 20 s. The reformate was sufficient to feed a 13.7 kW
PEM fuel cell. An overall efficiency of 44% of the whole
system was calculated assuming 90% conversion and 100%
selectivity for the water-gas-shift reaction and 54% overall
efficiency for the fuel cell.

Then Whyatt et al.[129] designed two reformer reactors
of 107 and 68 cm3 total volume for reforming of methane,
propane, butane, ethanol, methanol, iso-octane and a mix-
ture of hydrocarbons simulating sulphur-free gasoline. The
two reactors were tested in a test-bench in combination with
micro-structured heat exchangers for feed preheating using
product (hot reformate) and evaporators for water and liquid
feed preheating. The experiments were carried out at ambi-
ent pressure. All hydrocarbons were tested at a S/C ratio of
3, all alcohols at a corresponding oxygen to carbon ratio.
Decreasing conversion was found for the various fuels with
increasing feed-rates except for methanol due to the very
high reaction temperature of 725◦C. Table 4 summarises
some of the results presented for the various fuels. The pro-
prietary catalyst did show only minor deactivation after 70 h
TOS. It was deactivated reversibly by sulphur.

Jones et al.[130] presented an integrated and minia-
turised device for methanol steam reforming consisting of
two evaporators/preheaters, a reformer and a combustor with
a total volume of less than 0.2 cm3 for a power range be-
tween 50 and 500 mW, which corresponds to flow rates of
0.03–1 cm3/h liquid methanol/water mixture. The energy for
the steam reforming reaction was transferred from the com-
bustor device having 3 W power capacity which was fed by
a H2/O2 mixture for start-up and later on by up to 0.2 cm3/h
methanol and up to 14 cm3/min air. The combustor was said
to have a volume of less than 1 mm3, the reformer volume
being higher (5 mm3). FromTable 5given by Holladay et al.
[131], it can be seen that even at an efficiency as bad as
5% a fuel reformer outperforms a Li-ion battery. In this
later paper, more detailed data on the device were given.
The flow rate of methanol for the reforming reaction is said
to be 0.02–0.1 cm3/h and more than 99% conversion were
achieved. The flow rate going to the burner ranged between
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Table 5
Energy density of various cells and fuels from Holladay et al.[131]

Technology Energy density (kWe h/l) Energy density (kWe h/kg) Comments

Primary cells – – Not rechargeable
Alkaline 0.330 0.125 –
Zn-air 1.050 0.340 –
Li/SOCl2 0.700 0.320 –
Secondary cells – – Rechargeable
Lead acid 0.070 0.035 –
Ni-cad 0.055 0.035 –
Ni-metal hydride 0.175 0.050 –
Li-ion 0.200 0.120 –
Li-polymer 0.350 0.200 Anticipated

Hydrocarbons
Methanol 4.384 5.6 Thermal energy
Butane 7.290 12.60 Thermal energy
iso-Octane 8.680 12.34 Thermal energy

Fig. 26. Integrated reactor/heat-exchanger for the selective oxidation of carbon monoxide.Source: IMM.

0.1 and 0.4 cm3/h. Combustion air flow was 8–20 cm3/min.
The burner temperature exceeded 400◦C. The thermal power
of the device was 200 mW at an efficiency of 9%. Assuming
a efficiency of the fuel cell of 60% and a hydrogen conver-
sion of 80%, the net efficiency of the system amounted to
4.5% and the power output was 100 mW.

Delsmann et al.[132] presented the concept of an inte-
grated reformer system developed in the framework of the
European project MiRTH-e. There, an integrated system is
built based upon methanol steam reforming to supply hy-
drogen to a fuel cell, which is designed to generate 100 W
electrical power. The vaporisation of the feed is done in an
integrated vaporiser/heat exchanger making use of the hot
off-gas of the anode afterburner. The energy supply for the
endothermic steam reforming comes from the residual hy-
drogen of anode off-gas, which is oxidised at a Pt/A12O3
catalyst. A Cu/ZnO catalyst is applied for steam reforming
[31]. Finally, the anode off-gas of the fuel cell is used to

take up the heat generated by the selective oxidation reac-
tor. Fig. 26shows a prototype of the integrated selective ox-
idation reactor/heat exchanger manufactured by IMM. An
overall efficiency of 35% was calculated for the design.

5. Novel approaches for micro-structured reactors

This last chapter has the intention to show up some alter-
native methods of achieving micro-structured reactors and
proposals for new materials, which were presented recently
in the literature. It does not at all claim for completeness.
Besides metallic and ceramic monoliths, which will not be
covered by this paper, few alternative approaches for man-
ufacturing micro-structures will be discussed.

Schouten et al.[31] proposed the application of refractory
metals and aluminium intermetallics which have high melt-
ing points, and a good corrosion resistance, which may be
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further improved by niob and hafnium films. The materials
have low thermal expansion and some of them have high
heat conductivity in the range between 25 and 50% of the
value known for aluminium.

Wolfrath [133] applied aluminoborosilicate glass fibres
for the dehydrogenation of propane, a highly exothermic re-
action (�Hr = 129 kJ/mol). The high reaction temperatures
required by the thermodynamics lead to thermal cracking,
which lowers the selectivity due to coke deposition on the
catalyst surface. Thus, the coke has to be removed by com-
bustion periodically[134]. The fibres, having a diameter of
7�m and a surface area of 2 m2/g were leached with HCl to
remove the non-silicon compounds revealing a surface area
of 290 m2/g. Covered with�-alumina by precipitation the fi-
bres had still a surface area of 100–230 m2/g and were ther-
mally stable up to 800◦C. Pt and Sn were introduced as cat-
alysts by impregnation. The reactor was filled with threads
of filaments which were for some experiments enclosed in a
tubular Pd/Ag (23 wt.%) membrane of 70�m thickness. The
porosity of the filamenteous packing amounted to 0.8. The
residence time distribution of the packing was found to be
narrower compared to packed beds of 130 and 1100�m av-
erage particle size. The pressure drop was five times smaller
for the packing compared to a packed bed of 130�m aver-
age particle size. Catalyst testing was performed at 550◦C,
1.4 bar and a residence time of 3 s at constant catalyst mass
of 0.375 g. Similar conversion but a higher selectivity (95%)
compared to the packed bed (88%) were found. Introducing
the membrane into the reactor lead to a conversion of 30%,
which exceeded the equilibrium value of 22%.

This was attributed to a permanent and efficient removal
of the hydrogen out of the product stream by radial diffu-
sion. Selectivity was increased to 97%, which was attributed
to the lower hydrogen concentration surpressing hydroiso-
merisation and hydrogenolysis reactions[134,135]. How-
ever, an enhanced deactivation of the catalyst was observed.
The principle of the reactor may be used in future to carry
out reaction and regeneration of the catalyst in parallel (see
Fig. 27). Long-term runs were performed at 550◦C, 1 bar

Fig. 27. Scheme of the membrane reactor with both zones packed with
filamentous catalyst from Wolfrath et al.[133].

and a residence time of 170 ms[134]. Pure propane was fed
in the first zone, whereas hydrogen was oxidised by air in
the second. The feeds were switched between the zones ev-
ery 85 min[134]. After the first cycle, conversion dropped
from 16 to 7% and the catalyst could not be fully regener-
ated. After four cycles, the conversion profiles were better
reproducible between 7 and 5%. However, the selectivities
were determined between 95 and 97%, which exceeds by
far the values found for the industrial process (80–90%).

Another approach to gain the advantages of micro-
structures in order to avoid high pressure drops, heat and
mass-transfer limitations and unequal flow distributions was
presented by Louis et al.[136]. ZSM-5 zeolites were coated
on stainless steel grids as an alternative to granulates or pel-
lets usually applied in zeolitic catalysis. The H-ZSM-5 coat-
ings were tested for the one-step oxidation of benzene by
nitrous oxide to phenol. The grids had a total area of 9 cm2,
a wire diameter of 250�m and a mesh size of 800�m. Fif-
teen grids formed a stack separated by steel rings. By acid
pre-treatment of the grids defects were generated which are
known to become crystallisation centres during the synthe-
sis of the zeolite. The synthesis gel was prepared and after
2–3 h ageing it was poured into the support packing. After
three synthesis runs of 40 h duration at 171◦C the coating
was calcined and exchanged with ammonium chloride to
get the protonised form. A Si/Al ratio of 65 and a BET sur-
face area of 302 m2/g were found for the zeolite. Loadings
of about 10, 55 and 95 g/m2 zeolite, the latter corresponding
to a layer thickness of 38�m were found after the indi-
vidual synthesis steps. Three loadings were regarded as an
upper limit, as the grids tended too loose their void fraction
at higher loadings. The coatings were tested for benzene
oxidation at ambient pressure and a temperature of 350◦C
at a feed flow rate of 60 cm3/min and a composition of
3.8–14.6 mol% benzene and 0.4–16.7 mol% nitrous oxide
in nitrogen. Increasing the nitrous oxide/benzene ratio was
beneficial for the conversion, which was found to be in line
with literature[137,138], but phenol selectivity deteriorated.
Phenol selectivities as high as 99% were found at four times
molar excess of benzene. For nitrous oxide/benzene ratios
greater than 1.25, a rate law with zero order concerning
nitrous oxide was found. The following expression was set
up for the reaction assuming a plug flow reactor:

X = 1 − (1 + (n− 1)kτ′Cn−1
B0 )1/1−n (11)

CB0 being the benzene inlet concentration. For a modified
residence timeτ′ = 696 kg s/m3 and a reaction ordern =
0.6, the rate constants shown inTable 6were determined for
the coating, home-made H-ZSM-5 powder and a commercial
catalyst from Süd-Chemie.

Thus, the coating had a 70% higher activity compared
to the randomly packed beds. It was not excluded, that this
superior performance was at least partially caused by iron
incorporation from the steel grid into the zeolite.
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Table 6
Comparison of rate constants determined Louis et al. for the partial
oxidation of benzene by N2O [136]

Catalyst type k (10−4 mol0.4 m1.8/(kg s))

Structured coating 1.7
Home-made H-ZSM-5 powder 1.0
Comm. H-MFI-90 1.2

6. Summary

With recognising chemical micro-processing using micro-
reactors as a novel means for chemistry and chemical engi-
neering, more and more work is dedicated to the field of het-
erogeneous catalysis and the list of publications made here
is indeed impressive meanwhile. A selection of this work is
referred and reported in this review.

Diverse gas-phase reactions have been investigated in
micro-reactors, among them (partial) oxidations, hydro-
genations, dehydrogenations, dehydrations, and reforming
processes. Particular attention has been drawn to achieve ex-
cellent temperature control and to prevent hot-spots. So, for
many reactions increases in selectivity were found. Espe-
cially, many examples of partial oxidations were described,
including processes of utmost industrial importance such
as ethylene oxide synthesis. Within consecutive processes
as, e.g. given for multiple hydrogenations, high selectiv-
ity was achieved for species that are thermodynamically
not the most stable molecule such as monoenes. Also, in-
creases in conversion were achieved, e.g. by processing at
high pressure and high temperature, often in the explosive
regime. As a consequence, high space–time yields were
reported as well. Frequently, reactor performance better
compared to fixed-bed technology was achieved. However,
in many cases it turned out the state-of-the-art catalysts are
not active enough and need to be improved (“engineered
catalysts”) to come up to the demands of this novel tool of
chemistry. Process safety was found to be high when using
micro-reaction devices; intrinsic safety in former explosive
regimes was ascribed. With respect to process optimisation,
fast serial screening of process parameter variation was
conducted, at low sample consumption.

Besides scouting studies, followed by thorough micro-
reactor technology evaluation and benchmarking to conven-
tional technology, the investigations tend more and more to
undergo detailed catalytic studies, aiming at reaction mech-
anism, kinetics and catalyst properties. It is not only the
more accurate setting of process parameters, but the per-
formance of studies under former ‘hidden conditions’ that
makes micro-reactors attractive. Thereby, they considerably
expand the possibilities of the tool portfolio for heteroge-
neous catalysis.

It is particularly noteworthy that first criteria are proposed
to judge if mass and heat transfer limitations are present.
Knowing such borders will boost micro-reaction technol-

ogy to its maximum performance, but will avoid operation
beyond.

7. Outlook

While this article focused on fundamental science inves-
tigations, a few examples of commercial applications were
given as well, e.g. for industrial process optimisation with
bench-scale tools, for sub-kW energy generation in small
units by fuel processing, and for highly-parallel catalyst
screening. Much more such work is on-going or undis-
closed. Taking this into account, there are more than vistas
for much larger micro-channel based processing units; the
build-up of pilot-plant scale devices, having gas flows in
the m3/min range or energy generation/consumption in the
1–50 kW range, is currently undertaken by several groups
and reports on their functioning will be given in near future.

As a result of all these scientific and technical investiga-
tions undertaken so far, we now have a clear view what can
be done with micro-reactors. It is not only that we qualita-
tively know what, e.g., improved heat transfer may induce
in micro-channel processing; there exists well-documented
quantitative information on the achievements to be expected,
as e.g. particularly given for the ethylene oxide synthesis and
the oxidation of ammonia. This in turn poses demands on
optimising micro-fabrication, rendering devices to be more
effective, costly, or productive. From literature and proba-
bly more by self-made experience, we also know about the
limits and obstacles when using micro-reactors. In a short
sentence, the field is beyond infancy and has become mature.

When we define the achievement of proper micro-
fabrication techniques as Phase I, relating to a time period
of 1990–2000 or so, one could say that we are now busy
with Phase II, a comprehensive characterisation of micro-
reaction devices, mainly involving experts from chemistry
and chemical engineering, e.g. from heterogeneous catalysis.
This covers a period maybe starting 1998 up to now. Since
about two years, Phase III has been marked the beginning
of; dedicated to the commercial supply of micro-reactors
and the truly and sober search for commercial applications.

Formerly, wide-spread use of micro-devices for scientific
and industrial investigations on gas-phase processing was
strongly hindered by restricted supply as a consequence of
the enormous efforts and thus high costs to make such micro-
structures. In turn, the supply of micro-reactors is today
much better than in recent years. Several companies, most of
them located in Germany, define micro-reactors as their core
business or at least as major business branch. Such distribu-
tion chains are supplemented by similar supply and further
development offers by institutes. As a consequence, micro-
reactors and gas-phase micro-devices meanwhile can be pur-
chased off-the-shelf. A first catalogue with many such prod-
ucts is on the market. Even complete plants are available.
In the micro-technology domain, the commercial success
thereof sometimes being questioned, micro-reactors have be-
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come an accepted field with first evidence for commercial
prospect, hopefully increasing in future. Industry stands un-
doubtedly behind this technology and is more and more us-
ing it [139].
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